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Abstract
Fixed bed coal gasification and combustion operations form an important part in the global
energy supply, and these processes are characterized by complex interactions which are
difficult to study on an industrial scale. A laboratory scale fixed-bed coal combustion reactor
(LSR) was therefore constructed and used to mimic pilot and industrial scale fixed bed
combustion and gasification. The initial aims were to establish operating conditions
comparable to that of previous pilot and commercial scale work. Secondary aims included
keeping operations less expensive, more flexible, while using smaller sample and particle
sizes while maintaining representativeness. Measurement capabilities inside the reactor and
post experiment bed dissection have shown that bed temperature profiles and reaction zones
were representative of both a pilot scale reactor (PSR), and an industrial scale reactor (ISR).

The chemical transformational behaviour that coal particles undergo during conversion in
deep packed beds was investigated. Experiments were performed in a transient overfeed
mode, fed with 4, 6 and 8 mm coal particles. A post experiment dissection of the bed contents
along with full chemical characterisation was undertaken. The dissection method was able to
provide an accurate representation of the characteristic reaction zones. The residual volatile
matter and the overlap in the reduction and pyrolysis zones were insensitive to particle size
variation and mainly determined by the maximum temperature in each zone. The reaction front
velocity and heating rates that particles experience in the different reaction zones were
obtained and showed significant variation during the transient start-up stage, but are
remarkably comparable once the stable reaction front is formed.

The physical transformational behaviour that coal particles and the bed structure undergo in
a fixed bed reactor was also investigated. The dissection method limited mechanical
fragmentation by minimizing particle handling and bed structural disturbance. Particle size
distribution and the particle size distribution width showed a significant variation in the
oxidation zone and the ash bed which was not previously quantified on industrial scale
experiments. The particles and the fixed bed macroscopic structural change was measured
by the particle porosity and the fixed bed voidage. The role of particle agglomeration in the
lower sections of the fixed bed was demonstrated in the bed voidage data and is tracked as
the reaction front moves up through the fixed bed of particles. This current mode of operation
represents fixed bed combustion and gasification operations particularly during the transient
start-up stages and the subsequent particle and bed transformational behaviour.
Keywords: fixed bed, coal, combustion and gasification, thermochemical conversion,
macroscopic structure
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Chapter 1
Introduction
Introduction and motivation
Fixed bed combustion and gasification of high ash coal is used extensively for synthesis gas
generation in the coal to liquids process in South Africa. Ensuring to a certain degree, energy
self-sufficiency, by processing 40 million tons of coal per annum to produce liquid fuels and
an array of chemical products amounting to 7.6 million tons per annum. This is accomplished
in one of the world’s largest coal to liquids facilities based on Fischer-Tropsch technology with
a highly integrated Syncrude refinery complex. Based on available coal compositional
information and environmental statements of carbon dioxide emissions, apart from the obvious
environmental concerns, it is evident that carbon losses, in the order of 60% [1] is attributed
to this process and this highlights an innate inefficiency. Considering this facility has a closed
gas loop with an internal and external recycle accompanied by cryogenic separation to
maximize the carbon efficiency, large inefficiencies are attributed to the fixed bed gasification
and combustion process, and warrants better understanding of the controllable portion of this
complex reactive process [2]. The fixed bed dry bottom reactor operability, in which the
physiochemical transformation of solid coal to synthesis gas occurs, is ultimately determined
by the detailed temperature, compositional as well as ash state axial and radial distribution
profiles. The discrete coal particle chemical and physical transformational behaviour as well
as the macroscopic structural change inside fixed bed reactors, received selective attention in
recent research efforts and therefore, forms part of this present investigation.

The development of a process understanding for superior control strategies, the possibility of
a change in composition or the utilisation of a new feedstock, and the design modifications
that could bring about increased efficiencies, were some of the considerations that drove
advanced thermodynamic, kinetic and, computational fluid dynamic modelling studies [3, 4].
The validation of these models was largely based on reactor effluents, which are useful, but
have limitations in that it is insensitive to the intricate details of the modelling. The physical
and chemical transformational behaviour of the coal particles is essential for the description
of the solid gas reactions and should be included in the modelling validation to varying
degrees. The comprehensive understanding brought about by the modelling efforts is likely to
lead to maximum gasifier throughput, high gas loadings and reduced cut backs during
operation.
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Apart from the obvious theoretical thermodynamic and intrinsic kinetic limitations, gasifiers are
limited in throughput by operational considerations that constrain maximum carbon conversion
and efficiency. The coal fed to fixed bed gasification has the advantage of minimal physical
preparation, it is however limited to a top size of 100mm due to the coal handling system, and
to a bottom size of 6mm due to the likelihood of small solid particle entrainment and carryover
into the raw gas. The raw gas circuit does accommodate solid particle removal this, however,
necessitates difficulty in gas liquor purification. The ash removal at the bottom of the gasifier
is best achieved when the ash agglomeration was promoted and excessive clinkering is
avoided. This is predominantly achieved by operating in the temperature range below the ash
flow temperature of the coal ash and above the initial deformation temperature, this also
improves bed permeability which equates to a reduction in pressure drop [5-7]. Pressure drop
over the fixed bed structure leads to bed fluidization which brings about difficulties in ash
removal and gas channelling effects that could lead to oxygen in the raw gas or unacceptably
high exit gas temperatures. The pressure drop in structurally changing packed coal beds is
generally dependant on the caking propensity of particles in the pyrolysis zone, mechanical
fragmentation and small particle formation resulting in increased bed density and lower bed
voidage, the solids flow pattern dependent on the particle size distribution width and feeding
characteristics of the coal.

All of these operational considerations accompanied with the fact that coal particles have a
complex and variable composition and structure, along with a compositional and structural
change of not only the particles but also the fixed bed as the particles undergo reaction, makes
the art of a priori design uncertain. The mathematical description for modelling purposes of
structurally changing packed beds of coal pose challenges for computational fluid dynamic
modelling and is not without difficulty, especially in the differentiation of reaction zones and
the unpredictable effects brought about by the complexities of the devolatilization zone [4].
The design of gasifiers are based, rather, on heuristics and not on the generally accepted rate
equations like in the case of conventional heterogeneous catalytic reactors [8]. Prior
knowledge and experience aids in the initial design, while operational conditions are
empirically adjusted to achieve preferred performance and design objectives. Laboratory scale
experimentation accompanied with historic pilot and industrial scale operations build the body
of knowledge on which is relied for the design of multi-phase gasification reactors. The
laboratory scale experimentation is advantageous when compared to industrial scale
especially when considering the short time scale, small size, and inexpensive operation. Even
with scale dependent parameters in the multiphase reactor design equations, the scale-up of
a well-designed laboratory and pilot scale operation can bring about good agreement with the
industrial scale reactors they were designed to mimic [9, 10].
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Industrial scale experimentation on new coal sources under consideration for gasification was
successfully undertaken by many researchers on a variety of different coal samples [11-16].
Generally it was considered difficult to characterise the operational behaviour statistically due
to the operational environment where testing was conducted. Design variables could only be
varied to the degree to which the online gasifier operation allowed, and some variables could
not be controlled or manipulated at all. The axial profile of bed contents and gas composition
was seldom reported due to its difficulty in measuring the gasifier internal environment across
the pressure barrier. Post experiment dissection of bed contents after quenching of the gasifier
brought understanding of the chemical and physical transformational behaviour that coal
particles undergo during these large scale operations [17-30]. Internal gas profiles are seldom
reported in open literature. The internal temperature profile of the fixed bed was inferred from
char reflectance [17, 30] and was found useful in establishing the effect of heating rates on
volatiles release; temperature is however not generally measured inside the fixed bed reactor.
For post experiment dissection the entire bed contents had to be cooled down from operation
temperatures, which was accomplished by using a water or nitrogen quench or by allowing
the bed contents to cool down naturally; but when considering the heat capacity of an industrial
scale gasifier this process takes a long time [31]. After the quench two general methods were
employed to excavate the bed contents, it was either dug out from the top of the gasifier or it
was allowed to exit under controlled ash grate rotation through the bottom of the gasifier. The
dig out method could differentiate radial distribution anomalies on bed properties, it was
however, a time-consuming and involved process. The preferred method of turnout through
the ash grate allows the representation of the residual gasifier content on a segmented
average and brings a clear identification of the axially distributed reaction zones [31].

The determination of a comprehensive depiction of the chemical and physical behaviour of
coal particles was not without challenge. The particle size effect on reactivity, volatiles release
and temperature distribution is well known; it is however noted that the particle size distribution
results obtained by either digout or turnout sampling methodology, should be treated with
caution. It is uncertain to what degree the quench method influenced fine particle generation
based on exfoliation [31]. The mechanical fragmentation and attrition effects influenced the
particle size during the sequential sampling of the coal particles under load where the coal
descends from the top of a 9 m gasifier and is largely indistinguishable from that brought about
by the heterogeneous reactive processes. All sampling through the rotating ash grate brings
about breakage of large particles and the ash agglomeration effects, or caking resulting from
devolatilization, could be obscured from the analysis of particle size. A critical assumption
made in this method is that the solids flow is essentially plug flow. Fragmentation effects on
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particle size distribution from devolatilization (primary fragmentation) and gasification
(secondary fragmentation) might also be disregarded.

The effect of cool down and the rate of temperature decrease, on the bed structural collapse
is also uncertain. Feeding solid material, with a wide particle size distribution width, brings
inherent segregation which influences the gas distribution profile and leads to gasifier
instabilities [5, 6]. The bulk density profile was based on sub-sampling from a representative
sample of a dissected section of residual gasifier material, implying that the density
determination was conducted on a sample that was already removed from the gasifier where
the original packing of the coal was disturbed by handling. The exact packing characteristic
based on solids flow and gas reaction during gasifier operation is not representative, it is
however not possible to gain insight in another way due to the inherent complexity of sampling
on such a large scale. Variation in ash bed height is common and is influenced by the rate of
oxygen introduced as well as the solids removal and addition to the gasifier, the reaction front
velocity is also not readily determined in the case where solids flow is incremental.
Determining this incremental reaction front velocity will aid in development of a gasifier control
strategy that will take advantage of the entire reactor volume for optimal carbon conversion.

A comprehensive, systematic study is therefore proposed to investigate the chemical and
physical transformational behaviour of coal particles and the fixed bed macroscopic structure
based on a laboratory scale reactor proven to be representative of pilot and industrial scale
operations. In order to mimic the current and possible future industrial scale operations, two
coal sources suitable for gasification and combustion in fixed beds was selected, and it was
sensible to select two coals of the Highveld region in South Africa (seam 2 and 4). The results
obtained from this study will provide insight into the effect of feed particle size variation on the
fixed coal bed temperature distribution and heat transfer propensity as well as gasifier stability.
The macroscopic structural development will bring understanding of the transient behaviour
of gasifiers during start-up. The conclusions drawn from this study will signify the viability of a
newly established method to characterise the coal feedstock suitability and operational
behaviour during fixed bed gasification and combustion.

Aim and objectives
The main aim of this investigation is to design a laboratory scale fixed bed reactor that is
representative of industrial scale operations and can be used to characterise physical and
chemical transformational behaviour of solid fuel beds. In order to meet the aim the following
objectives are formulated:
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To design a laboratory scale reactor and develop an operating procedure that will be
representative of industrial and pilot scale gasification processes.



To assess the heat transfer propensity during transient start-up conditions while
allowing bed structural collapse or shrinkage to occur unconstrained under reacting
conditions for varying feed particle sizes.



To assess the transient formation and track the stable reaction front formation as well
as reaction zone development and its transverse movement through the fixed bed.



To develop bed dissection capabilities, with minimal influence on fixed bed
macroscopic structure, to evaluate the particle size influence on the physical
transformational behaviour of residual bed contents for the different reaction zones.

Scope and outline of this thesis
The degree to which laboratory scale experimentation could mimic pilot and industrial scale
gasification processes is established in Chapter 2. Based on relevant scaling factors,
temperature profiles during operation and the identified characteristic reaction zones of this
current reactor, a pilot scale and an industrial scale reactor, an argument is set forth to
establish the favourable comparison and scale up possibilities. Typical and possible operating
conditions were evaluated and established for the three reactors and the most comparable
conditions identified. The main aim of this chapter was to confirm that initial design aims were
met and that the selected coal samples displayed characteristic gasification behaviour in order
to be representative on the present design scale.

The effect of particle size variation on the heat transfer propensity in a reacting fixed bed of
coal particles was investigated in Chapter 3. To establish the characteristics of the transient
start-up behaviour an external heating mantel was used. This allowed the bed contents to be
kept free of additional chemicals that might influence chemical transformational behaviour
during start-up, operation or post experiment bed dissection. Based on the transient exit gas
composition the reaction zone development was tracked, and based on the post bed
dissection method chemical characterisation of the residual bed contents resulted in the
identification of the characteristic reaction zones.

The influence of coal particle size and fixed bed macroscopic structural development as a
result of the physical transformational behaviour of coal particles is presented in Chapter 4.
The main aim of this contribution to the understanding of the fixed bed structure came as a
result of the method development to sample particles, while accurately knowing the location
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of these particles and maintaining minimal disturbance to the bed structure. Mechanical
fragmentation was kept to a minimum and a particle size distribution and bed bulk density
could be determined for each sampled section. Knowing that the developed fixed bed structure
was intact during sampling the bed void fraction and particle porosity was presented and its
transformational behaviour in the characteristic reaction zones was established.

In the concluding chapter (Chapter 5) a summary of the findings of this investigation is
presented and highlights some of the recommendations which are aimed at assisting and
identifying future research regarding the topic of operational characterisation in the field of
fixed bed gasification and combustion and its relation to industrial scale operation.
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Chapter 2
A laboratory scale fixed-bed coal conversion reactor Part 1:
Operation, reaction zone identification and industrial
representativeness

Frederik H. Conradie, John R. Bunt , Hein W. J. P. Neomagus, Frans B. Waanders
Raymond C. Everson

Abstract
Fixed bed coal gasification and combustion operations form an important part in the global
energy supply, and these processes are characterized by complex interactions which are
difficult to study on an industrial scale. A laboratory scale fixed-bed coal conversion reactor
(LSR) was therefore constructed and used to mimic pilot and industrial scale fixed bed
combustion and gasification. The initial design aims were to establish operating conditions
comparable to that of previous pilot and commercial scale work. Secondary design aims were
to keep operations less expensive, more flexible, while using smaller samples and particle
sizes and maintaining representativeness. The laboratory scale reactor is 1200 mm in length
and has an internal diameter of 104 mm. A 500 mm coal bed is initially loaded into the reactor
and converted to produce an ash bed of 100 mm. The coal loading for this reactor was on
average 3.6 kg in comparison to the 240 kg of the pilot scale reactor (PSR). A maximum
temperature of 1250°C was maintained to assure similarities to pilot and industrial operations.
Seven thermocouples measured the axial temperature profile in the reactor. Measurement
capabilities inside the reactor and post experiment bed dissection have shown that bed
temperature profiles and reaction zones were representative of both a pilot scale reactor
(PSR) and a commercial scale reactor (ISR).

Keywords: Packed bed, Coal, Combustion, Gasification, Reaction zone.
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Introduction
Coal quality variation in existing gasification and combustion technology applications requires
detailed characterisation of the operational behaviour before introducing new feedstock into
existing technologies, especially in the case of fixed and moving bed gasification [1]. However,
industrial scale research, particularly experimental procedural development, is both costly and
challenging with regards to operational inflexibility. Nowadays, it is a common occurrence to
find research on pilot or laboratory scale undertaken for explaining the operational behaviour.
The use of these smaller scale operations usually provide the opportunity to undertake
complex gasifier modelling validation studies, and these models are employed as promising
tools to gain valuable understanding of complex gasification and combustion mechanistic
interactions.

Industrial and pilot scale investigations into fixed and moving bed gasification and combustion,
at high pressure and atmospheric conditions, were undertaken by various researchers [2-11].
These investigations were normally conducted to aid in the design of new reactors, or
investigate the effect of different raw materials and the influence on operations. These
investigations also had a number of disadvantages, they were generally costly, and difficult to
operate, occasionally had inflexibility in the manipulated variables due to the reactors being
online at large production facilities, had instrumentation and measurement limitations, and
required large sample sizes to be transported great distances to allow for meaningful
experimentation. A modelling approach was also undertaken by researchers to aid in
designing new reactors [6]. Validation of these models were considered to be essential, but
remains challenging due to costs involved and the complex nature of industrial scale
operations. As noted by Bhattacharya and Basak [12], the design of gasifiers is achieved with
a large degree of empiricism.

Laboratory scale experimentation, on the other hand, was frequently carried out in a steady
state configuration with constant raw material and gas feed mainly in up or down draft
configurations. These studies considered coal, metallurgical coke, wood, as well as charcoal
derived from wood as raw material [12-17]. In contrast, another common way to investigate
fixed bed combustion and gasification is in a transient configuration, where a batch rather than
a continuous feed of solid material was introduced into the reactor. This was done by several
researchers for wood, wood derived char, coal derived char, and for coal [18-21]. Even though
an invaluable variable like transient mass loss throughout the experiments were normally
reported, little attention was given to post experiment bed dissection, even elementary
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analyses in the form of a proximate and ultimate analysis was not reported, or only reported
to a limited extent [22].

One point that is particularly relevant to laboratory scale experimentation, is the degree to
which scale will influence the comparability towards meaningful experimental investigation and
development work. Applying the knowledge obtained from laboratory scale experiments to
industrial scale operations is not without difficulty and challenge. Nauman [23] argues that
various parameters in multiphase design equations are highly scale dependant, making the
art of a priori design highly uncertain, and rarely attempted with the exception of some special
cases. An alternative suggestion was made to rather scale up a well-designed pilot scale
operation. This was demonstrated to a degree in the field of fixed bed combustion and
gasification where good agreement was demonstrated between the laboratory and industrial
scale installations [24-26]. The work by Ford et al. [22] demonstrated that a well-designed
laboratory scale fixed-grate simulator could be used to simulate continuously fed industrial
stoker systems, and that the results obtained could be used with confidence in developmental
work.

In their pioneering studies, fixed bed gasification and combustion (with comprehensive post
bed dissection) was investigated on a pilot scale rig by Keyser et al.[27]. Various phenomena
have been studied in this reactor including: reactions zones, pressure drop, sulphur capturing
capabilities of coal and ash, coal/char/ash physical changes in pore size, density and surface
area, petrographic changes, structural changes of coal and mineralogical transformations [3,
8, 27-33]. This reactor, however, required large sample sizes (~240 kg) and was expensive to
operate. In characterising the behaviour of coal from new coal fields under industrial scale
operations are particularly challenging due to the limited sample sizes that can be obtained.

A new fixed bed coal reactor was designed and constructed at the North-West University, and
the aim of this reactor is to provide, within operational limits, behavioural characterisation to
supplement this on-going research chiefly concerned with smaller coal particles in the 1 to 10
millimetre size range. This investigation is focused on the transient configuration of fixed bed
combustion and gasification, and general operation will be compared and contrasted to that
of the pilot scale reactor (hereafter referred to as PSR), and an industrial scale reactor, in the
form of a commercial-scale gasifier, already reported (hereafter referred to as ISR). The
unique features of the present reactor will be described along with preliminary results
demonstrating representativeness, which gives confidence that the results are relevant to pilot
and industrial plant operations. In the results section (2.3 on page 16), specific attention will
be paid to the post experiment bed dissection and reaction zone identification of the laboratory,
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pilot and industrial scale reactors. This laboratory scale reactor is comparably less costly to
operate, has more flexibility in manipulated variables, requires relatively small sample sizes
and is well equipped with measurement capabilities.

Experimental
In this experimental section a discussion regarding the new laboratory scale reactor will be
undertaken. The comparison between pilot and industrial scale reactor operation was reported
elsewhere [3], but similarities and divergences with regards to the LSR will be indicated.

2.2.1

Laboratory scale reactor

The new laboratory scale fixed bed coal reactor, depicted in Figure 2-1, is 1200 mm in height
and 104 mm in diameter and was constructed of a Kanthal APM tube. With regards to solid
fuel characterisation, the reactor can be operated with coal, coal char, biomass or blends of
solid fuels. An electric heating mantel (D), 300 mm in length, was installed around the outside
of the reactor at a position where the top of the mantel was situated at the interface between
the coal and ceramic spheres. The reactor pivots around a central point in order for the reactor
to be rotated and placed in a horizontal position after an experiment had been completed. This
allowed the inner pipe of the reactor, containing the post experiment coal, char and ash bed,
to be removed without an extensive degree of disruption to the bed arrangement. The reactor
was equipped with separate nitrogen and oxygen flow controllers and 7 thermocouples
distributed axially to measure the temperature at different heights. Each thermocouple was
housed in a 6 mm (outer diameter) 316 stainless steel tube, and thermocouples T₂ to T₆, inside
the coal bed, were equipped with a pressure transducer.

Before start-up the reactor was packed in three layers. The first layer consisted of 9 mm
porcelain spheres packed to a height of 400 mm from the bottom of the reactor. This was
followed by a 500 mm coal layer, which constitutes an average weight of 3.6 kg coal containing
screened particles in the size range between 6.7 and 9.5 mm. The coal was an inertinite rich
seam 4 coal from the Highveld region of South Africa. By using this particle size range, the
maximum diameter to particle ratio was kept at 10, which correlates well with that of the pilot
scale reactor operations [27]. A final layer of ceramic spheres was used to fill the reactor to
the top in order to support the post experiment bed, keeping it structurally intact during the
removal of the inner pipe. The ceramic spheres aided in gas flow distribution and heat-up at
the bottom of the reactor where the external heating mantel heated the incoming gas. It also
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minimized the heat loss through the top of the reactor and aided in the obtaining of auto
thermal conditions.
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A
Figure 2-1: A Schematic diagram of the laboratory reactor. (A) O₂ & N₂ Mass flow controllers, (B) Kanthal
APM tube, (C) Ceramic spheres (9 mm), (D) Electric heating mantel, (E) Coal bed (500 mm), (F) Insulating
brick, (T₁) to (T₇) Temperature, pressure measurement, (1) to (6) Post-operation bed sample segments
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After the reactor was loaded, start-up commenced. For a typical combustion experiment a
constant nitrogen flow of 0.8 Nm³.h⁻¹ was admitted to the reactor during heat-up. When the T₆
thermocouple measured a temperature of 300°C oxygen was introduced into the reactor. By
allowing this heat up to occur before oxygen is introduced mimics the decent of coal in an ISR.
The total gas flow rate to the reactor was varied between 1.0 and 1.4 Nm³.h⁻¹, with an average
oxygen concentration of 16 mol%. The start of combustion was indicated by a rapid
temperature increase, measured at thermocouple T₆ and care was taken not to exceed
1250°C, which was the operating temperature of the pilot and industrial scale reactors. To
control this maximum temperature the gas flow was varied. The subsequent increase in the
axial temperature measurements, over time, indicated a stable moving combustion front as
shown in the transient temperature profile depicted in Figure 2-2. A procedure has been
developed for simulating the temperature profile of the ISR and the PSR in the LSR. The
procedure considers the transient temperature profile, but also aims to produce a 70% ash
content (wt% adb) in the bottom 15% of the reactor in order to mimic post experiment bed
dissection results observed in the ISR and PSR.
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Figure 2-2: Transient axial bed temperature variation for thermocouple measurements T₁ to T₇ for a
typical experiment in the laboratory reactor
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One of the unique features of this reactor is the pipe in pipe design which allows removal of
the entire post combustion bed for chemical and physical analysis. A photograph of a typical
laboratory-scale post combustion experiment is shown in Figure 2-3, depicting the bottom half
of the inner pipe carefully removed from the reactor, and with the top half removed exposing
the ash bed at the bottom of the bed segment, and the char bed at the top of the reactor. The
ceramic spheres at the bottom are without residue and the spheres at the top show the typical
coal tar that condensed onto the surface due to the relatively low temperature at the top of the
reactor. A uniform cross sectional gas concentration was achieved as is indicated by the flat
combustion front, seen in Figure 2-3. These findings were also observed by Keyser [27] for a
narrow particle size distribution under similar conditions of oxygen blown gasification,
indicative of representativeness to pilot scale operations. The initial coal bed height was
500 mm in length and this post experiment sample indicated that an ash bed of 100 mm was
generated. The total bed length was reduced to 420 mm. Considerable agglomeration was
observed in the ash bed for this coal.
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Ash bed

6

5

Char bed

4

3
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1

Ceramic
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spheres

spheres

Figure 2-3: Post run bed profile photograph, indicating the ash bed at the bottom and char at the top of
the reactor, before the bed was dissected

When the thermocouple at T₅ reached 1050°C the temperature profile best resembled that
found in the PSR and ISR (at a time of 3.5 hours), the oxygen feed to the reactor was shut
and it was allowed to cool under inert conditions. Cooling to room temperature took in the
order of 12 hours before the post experiment bed dissection was done. In this dissection the
bed was divided into 6 parts as shown in Figure 2-1 and Figure 2-3 (numbers 1 to 6). The bed
sample segments of coal, char and ash was collected and a proximate analysis (SABS 924,
ISO 589, ISO 1171, ISO 562) was carried out for each section at Bureau Veritas Testing and
Inspections South Africa located in Centurion. Based on the chemical analysis, a material
balance was undertaken for constituents (C, H, N, S, O) deemed vital to gaining confidence
in the representativeness as demonstrated in the results section (2.3 on page 16).
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2.2.2

Experimental comparison of LSR, PSR and ISR

A comparison of the three multi-phase reactors, is given in Table 2-1. It can be observed that
the new LSR has a bed height to diameter ratio similar to the pilot scale reactor. The maximum
particle size that was used in this reactor, while maintaining the diameter to particle ratio of
the pilot scale operations, was in the standard test screen size range of 6.7 - 9.5 mm. The
particle size range was comparable to that of the -37.5 mm experiment reported previously
[3], showing that the maximum particle to reactor diameter ratio is similar for the LSR and PSR
reactors.
Table 2-1: Key reactor and coal parameters for illustrating the similarities and differences when
comparing the LSR, PSR and ISR reactors [2, 3]
Unit

LSR

PSR

ISR

Reactor
Reactor height

(m)

1.2

3.0

Reactor diameter

(m)

0.104

0.400

4.0

Packed bed height

(m)

0.500

2.00

8.96

Packed bed volume

(l)

4.25 × 100

2.51 × 102

1.05 × 105

4.8

5.0

2.1

+6.7-9.5

-37.5

+6.0-100

Bed height to diameter ratio
Particle size

(mm)

Maximum diameter to particle ratio

9.0

10.9

10.7

40

Atmospheric

Atmospheric

28.5 Bar

(kg)

3.6

240

100’000

(kg.m⁻³)

843

955

995

5.1

2.0

3.6

Ash

22.3

29.5

27.5

Volatile matter

23.9

21.8

21.8

Fixed carbon

48.7

46.7

47.1

Volatile matter

32.9

31.8

31.7

Fixed carbon

67.1

68.2

68.3

Pressure
Coal loading
Mean Bed Density

Coal Properties
Proximate analysis

(Air dried basis wt%)

Inherent moisture

(Moisture & Ash Free basis wt%)

The gas flow rate was based on the superficial velocity obtained in the PSR reactor and on
concentration considerations, as well as the oxidant molar flow rate per unit combustible
material in the form of fixed carbon and volatile matter measured by proximate analysis. Where
the pilot scale reactor was fed with air, the laboratory scale reactor had the convenience of
controlling the oxygen concentration during operation providing flexibility in gas flow
concentration and control. The average oxygen mass flux is 29 kg.m-2.h-1 and 95 kg.m-2.h-1 for
the laboratory and pilot scale cases respectively. The amount of coal loaded in this reactor is
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only 3.6 kg compared with 240 kg required for the pilot-scale reactor. In both cases the reactor
was not pressurised.

With regards to the bulk bed density, a slightly larger value of 955 kg.m⁻³ obtained for the pilot
scale reactor, compared to the 843 kgm⁻³ for the laboratory scale unit, could be explained by
the fact that the -37.5 mm experiment particle size distribution included 20% fine particles less
than 9.5 mm in size [34]. The mean bed voidage was estimated based on the standard method
of bulk and apparent density measurements and was found to be the same (0.4) for both
reactors. By keeping the reactor to particle diameter ratio the same, and working with similar
coal, it was thus considered ideal for representativeness demonstration.

Similarly inertinite-rich typical Highveld seam number 4 bituminous coal that was used in the
pilot and industrial scale work was also used in the present study, with the proximate analysis
showing notable differences in the moisture and ash content of the smaller particles compared
to that of the larger particles used in the PSR and ISR reactors. This is likely due to mining
and coal seam variations compared to the initial work in 2009 [3]. The volatile matter and fixed
carbon contents, for the raw coal, could be considered to be alike when expressed on a dry
ash free basis. When investigating the representativeness of the industrial scale reactor at 28
bar, with steam addition to that of purely oxygen blown gasification at atmospheric pressure,
even in the case where coal properties are remarkably similar, the behaviour of chemical
transformational rates will lack similarity. The representativeness is however, clearly indicated
by the temperature and compositional profiles obtained and presented in the following section.

Results and discussion
In this section the operational performance and characteristics of the LSR reactor and coal
samples are described and compared to the PSR and ISR reactor.
2.3.1

LSR Temperature profile

A transient temperature profile for a typical LSR experiment is presented in Figure 2-2, where
it is shown that the reactor heats up from the bottom coal surface to the top. From the instant
that oxygen is introduced into the reactor until maximum temperature is reached at T₆, the
average heating rate is 27°C.min-1. As combustion proceeds the bed height is decreased, all
thermocouples however, inside the coal bed (T₂ -T₆) remains in contact with solids. As the ash
bed forms and the combustion front moves up, the maximum temperature measured at the
bottom of the reactor (T₆) was 1281°C. The bed temperature measured in the LSR is similar
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to that measured in the PSR and is considered to be similar to transient start-up conditions of
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Figure 2-4: Temperature profile along bed length for the laboratory, pilot and industrial scale reactor

The maximum temperature measured in each reaction zone is shown in Figure 2-4. The
average, based on observations of 4 experiments, is presented with the 95% confidence
interval indicated, based on the student’s t-distribution. The profile shows the increase in
temperature as measured by the 7 thermocouples in the bed. Combustion of the solid coal
particles was aided by volatiles combustion from the pyrolysis process taking place at these
temperatures. The spatial separation of the reduction, pyrolysis and drying zones along the
bed length can be accounted for by the temperature gradient produced by the exothermic
oxidation reaction at the bottom of the reactor [3]. With reference to Figure 2-4, four
characteristic reaction zones were identified, these zones were identified as was reported
previously [2], namely the drying zone at the top (A), pyrolysis (B), reduction (C) and the ash
bed and combustion zone at the bottom indicated by (D). The findings with regards to reaction
zones, shows a remarkable similarity and will be discussed in the comparison section 2.3.3
on page 21.
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2.3.2

LSR Post experiment bed dissection

Bed height at the start was kept constant at 500 mm.The bed height at the end was measured
and found to be 410 ± 20 mm with a visually observed ash bed height of 130 ± 30 mm. The
average total bed mass loss was 2007 ± 327 (g), and on an ash free basis 970 ± 100 (g), with
an average ratio of converted fixed carbon to volatile matter of 1.35. An average bed
conversion rate of 10 ± 4 (g.g⁻¹.h⁻¹), corrected for mineral matter was observed. The total
carbon conversion, based on the ultimate analysis, for the entire coal bed was found to be
59% based on the residual carbon present. The total oxygen fed to the reactor was

PSR

ISR

A

Reaction Zone:
A - Drying
B - Pyrolysis
C - Reduction
D - Ash bed & Oxidatioin
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1
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1.0

LSR - Laboratory scale
PSR - Pilot scale
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22 ± 1 (mol) with an average oxygen flux of 27.3 ± 0.3 (kg.h⁻¹.m⁻²) over 3 hours of combustion.
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Figure 2-5: Bed dissection proximate analysis results showing the distribution of fixed carbon for the
laboratory, pilot and industrial scale reactor

In Figure 2-5 it is shown that the fixed carbon profile, of the post experiment bed dissection,
as a function of reactor height for the LSR. In the drying and pyrolysis zone, fixed carbon
content remains unchanged. The fixed carbon profile shows an apparent increase, at 50% of
the bed height, in the pyrolysis zone, and it is misleading to conclude that an actual increase
is observed. This increase is explained by the decrease in volatile matter, and if normalised to
100 kg ash base it is apparent that fixed carbon content remains unchanged in the drying and
pyrolysis zone. Consumption of the fixed carbon takes place in the oxidation and reduction
zone. A difference in the fixed carbon content, and the total carbon content as measured by
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the ultimate analysis, is shown in Table 2-2 for sections 1 to 3. The fixed carbon and ultimate
carbon profiles converge, between section 3 and 4, and demarcate the end of the pyrolysis
zone, i.e. due to carbon associated with the volatiles being evolved in the case of the total
carbon analysis. In the combustion zone at the bottom of the reactor, fixed carbon is consumed
in the exothermic oxidation reaction, and in so doing, converted to carbon monoxide and
carbon dioxide, which drives the physical and chemical changes in the upper part of the
reactor. This is indicated by the decrease in fixed carbon content and the increase in ash
content in the reduction and oxidation zone at the bottom of the reactor.
Table 2-2: Average axial variation in proximate, ultimate analysis for combustion experiments
Bed sample segments

Top

Bottom

Proximate analysis

Ultimate analysis

Air dried basis wt%

Air dried basis wt%

IM

Ash

VM

FC

C

H

N

O

S

Feed Coal

5.1

22.3

23.9

48.7

57.5

3.0

1

1.5

24.6

23.8

50.1

57.6

2.9

1.6

9.7

1.0

1.7

10.7

1.1

2

1.2

26.5

19.0

53.2

57.8

3

1.0

29.1

10.1

59.8

61.2

2.4

1.7

9.0

1.4

1.1

1.8

4.7

1.1

4

0.6

35.4

3.1

61.0

5

0.5

55.4

2.1

42.1

60.8

0.4

1.6

0.1

1.2

41.8

0.2

1.1

0.2

0.8

6

0.4

68.7

2.4

28.6

28.6

0.2

0.8

0.9

0.5

IM: Inherent Moisture, VM: Volatile Matter, FC: Fixed Carbon

The volatile matter profile depicted in Figure 2-6 shows an initial slow decrease in volatile
matter content within the drying zone, where 20% of the original volatiles is released. In the
pyrolysis zone, a decrease to 9% indicates a loss of 58% of the original volatile matter content.
From the residual volatile matter it is apparent that there is a difference in the rate of volatiles
released between sections 4 to 3 and sections 3 to 2. This is due to the temperature difference
in these sections, and indicates a fast and slow pyrolysis zone. It is apparent from Figure 2-7
that the ash content remains mostly unchanged in the drying zone and only shows significant
change in the pyrolysis zone when the volatile matter is driven off. The ash content increased
to 27% in the drying zone and by the end of the pyrolysis zone to 31%. During reduction and
oxidation, the ash content increased to 68% indicating that there is still a notable amount of
fixed carbon present in the ash bed.
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Figure 2-6: Bed dissection proximate analysis results showing the distribution of volatile matter for the
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Figure 2-7: Bed dissection proximate analysis results showing the distribution of ash for the laboratory,
pilot and industrial scale reactor
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2.3.3

Comparison of LSR, PSR and ISR reactor

2.3.3.1 Temperature profile
Figure 2-4 shows the temperature profile for the maximum temperature measured in each
zone, as measured by means of thermocouples or inferred by char reflectance for the LSR,
PSR and the ISR. In the case of the LSR, the operational conditions were different from that
which was reported for the pilot scale reactor. The temperature at thermocouple T₅ was only
allowed to reach 1050°C (the resultant profile showing a linear trend) similar in shape to that
reported for the pilot scale reactor, where the exothermic combustion region at the bottom of
the reactor experienced the highest, and the drying zone at the top of the reactor, the lowest
temperature. In the pilot scale reactor the heat up of the reactor was extensive and the
combustion process was only started once the first thermocouple reached a temperature of
600°C, in contrast to 300°C in the present work. It seems likely that, at this temperature there
is still a large amount of volatile matter left in the coal and this would aid in the combustion
process. Measured temperature profiles are not available in the public domain for industrial
scale fixed bed gasifier operations, however inferred temperature measurements from char
reflectance were carried out on the ISR, and these were in good agreement with that of the
LSR and the PSR, especially in the pyrolysis zone.

The T₅ thermocouple showed a steady increase in temperature and was an indication of the
combustion front moving upward in the static coal bed (Figure 2-2). The combustion front
measured in the LSR moved at 42 mm.h⁻¹ compared to the 32 mm.h⁻¹ for the PSR, according
to a generally accepted method of measuring combustion front velocity [20, 21]. The oxidation
reaction itself is typically not the rate limiting step in fixed bed combustion, and the difference
in combustion front velocity could more likely be explained by the physical structure of the coal
where heat and mass transfer is generally scale dependant [35].

Also indicated in Figure 2-4 are the reaction zones identified for the PSR, with D showing the
combustion zone which appears to be narrower for the PSR. The reduction zone C also
appears to be smaller and shifted towards the combustion front. The pyrolysis zone B is
extended, and the drying zone at the top is not that extensive as in the case of the laboratory
scale reactor, however, similar zones were identified and are within reasonable reproducibility,
which gives confidence in the suitability of the laboratory scale reactor to be used for
development and investigative work on small scale.
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2.3.3.2 Post experiment bed dissection
Visual comparison of the solid residue recovered from within the 3 reactors did not indicate
differences in general appearance. These reactors are similar in operational nature and, with
coal similarities under combustion operating conditions, are expected to correlate to some
extent. The reaction zones referred to in this paper were similarly postulated as was previously
reported [3].

One of the typical drawbacks when comparing coal gasification reactors of different scale is
the unavailability of bed information when referring to industrial scale reactors. Generally,
information for fixed carbon content, volatile matter, ash and moisture cannot be obtained from
an industrial plant due to obvious operational sampling limitations; however, a turnout study
of a quenched industrial scale coal gasifier [2] facilitates a favourable comparison that was
previously not possible to undertake. The volatile matter content, presented in Figure 2-6, for
the reactors showed a resemblance in shape. The volatile matter content is characteristically
sensitive to temperature, and in the case where similar temperature profiles are observed, the
volatile matter content corresponds well. In the drying zone where moderately low temperature
predominates, only a small change in volatile matter content was observed for all the reactors.
The temperature in the pyrolysis zone of the LSR ranged from 307°C to 806°C, the PSR
ranged from 369°C to 891°C, and the ISR ranged from 339°C to 839°C. When compared to
the PSR and the ISR reactor, it is evident that more volatiles was driven off, most likely due to
the higher temperature range observed, but the findings show consistency in the expected
trends. It is therefore considered that the residual volatile matter profiles were in sufficient
agreement to provide representativeness.

Given the particle size used and the higher temperature zones of slow pyrolysis and the zones
beneath, a similar volatiles release profile is observed, indicating that the zones are
comparable with regards to the conditions that the coal was exposed to, albeit the different
particle sizes in various reactors. The coal is of the same rank and the volatile matter content
should not show large variation as would be expected in the case where rank and particle size
is altered. It can be seen that there is a feed coal ash content difference between the
experiments. In the case of the LSR, PSR and ISR reactors, 22%, 28% and 30% ash content
was observed respectively. When comparing the pilot and laboratory scale reactors it is noted
that there is a difference in the slope of the ash profile, possibly brought about by the difference
in combustion front velocity and initial ash content of the parent coal. Never the less, the profile
shape corresponds well when compared. It is therefore considered that the profiles were
sufficiently in agreement to provide suitable representative results.
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Chapter conclusions
A new fixed bed coal reactor was designed and installed at the North-West University with the
main aim of mimicking a larger and more cost intensive pilot and industrial reactors.
Preliminary experiments have shown that the reactor is comparable in reproducing the
temperature profile and reaction zones found in the pilot and industrial scale work by using
similar inertinite-rich coal and employing representative industrial operating conditions.

It can be concluded that this relatively inexpensive approach requiring small sample sizes and
one that is less cumbersome to operate, is a useful aid in the study of fixed bed gasification
and combustion, and the post experiment bed dissection is flexible to characterise a large
range of different solid fuel samples, i.e. chemically, physically, petrographically and
mineralogically. This facility will be useful in future planned experimental work in characterising
different solid fuels and understanding the packed bed behaviour of these fuels.
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Chapter 3
Coal particle chemical transformational behaviour after
thermochemical conversion in a fixed bed

Frederik H. Conradie, John R. Bunt , Frans B. Waanders

Abstract
This paper examines the chemical transformational behaviour that coal particles undergo
during conversion in deep packed beds, typically found in industrial combustion and
gasification operations. Experiments were performed in a transient overfeed packed bed
laboratory scale reactor fed with 4, 6 and 8 mm coal particles. The reactor was operated at
atmospheric pressure and is 1.2m in length and has an inner diameter of 104 mm. The coal
loading was 3.3 kg and resulted in a bed height of 520 mm. A typical inertinite-rich South
African seam four coal from the Highveld region was used as fuel in the reactor. The transient
temperature profile in the descending bed as well as the exit gas composition is presented
here. A post experiment dissection of the bed contents along with full chemical
characterisation was undertaken. Care was taken to ensure that the dissection method,
specifically designed for minimal disturbance to the fixed bed structure, could provide an
accurate representation of the characteristic reaction zones. The residual volatile matter and
the overlap in the reduction and pyrolysis zones were insensitive to particle size variation and
mainly determined by the maximum temperature in each zone. Where it was found useful,
these reaction zone profiles are compared to industrial and pilot operations. The reaction front
velocity and heating rates that particles experience in the different reaction zones was
obtained and showed significant variation during the transient start-up stage, but are
remarkably comparable once the stable reaction front is formed. This current mode of
operation represents fixed bed combustion and gasification operations particularly during the
transient start-up stages.

Keywords: Coal, Thermochemical conversion, Fixed bed, Combustion, Gasification.
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Introduction
Fixed bed combustion and gasification of coal is used extensively for synthesis gas generation
in the coal to liquids process in South Africa. Little research has been carried out on discrete
coal particles as it undergoes chemical and physical change inside packed bed combustion
and gasification operations. Normative research relating to the characterisation of the
operational behaviour during solid fuels combustion and gasification has widespread
significance in fossil as well as bio-fuels thermochemical applications. However, sampling
solids from online operational coal gasifiers has considerable technical difficulties and
economic implications and to date no reported studies are published. There is however, much
that could be learned from quenching an entire gasifier and subsequently characterizing the
bed contents as was shown in recent studies [1-11].This paper presents a bed dissection
method, on laboratory scale, with minimal disturbance to the bed structure and the subsequent
chemical characterisation of coal, char and ash particles from the bed length. The aim was to
partially convert the bed contents, and in so doing it is possible to study the transformational
behaviour of particles along the bed length as the reaction front propagates through the
stagnant bed of particles. Industrial and pilot scale representativeness of this reactor and the
bed characterisation technique was recently established [12].

Much of the recent and older literature account for laboratory packed bed coal combustion
and gasification in either overfeed (continuous feed of solid fuel at the top) or a transient mode
(where solid fuel is loaded batch wise) [13-25]. In general, fundamental mass transfer theories
were developed and tested, based on temperature profile and gas composition from sampling
probes inserted into the fuel bed. It is commonly considered that the validation of modern
numerical modelling of reacting fuel beds like these rely on detailed measurements of bed
temperature, concentration profiles, reacting rates, and fuel properties: particle size,
sphericity, density, bed void fraction, and ultimate analysis [25]. However, detailed and
comprehensive experimental data sets are not readily available [26]. In overfeed operations,
where the reaction front moves up in the reactor, a great deal of research was conducted on
uniform fuel particle sizes and recently, Hallett et al. [27] validated the use of the Sauter mean
diameter when modelling reacting fuel beds where the particle size distribution is wide. Hobbs
et al. [26], however noted a lack in experimental data in the form of bed dissection results
especially in the millimetre size range, also citing that most modelling efforts attempting to
explain the complex gasification phenomena is validated based on exit gas composition and
temperature profiles measured on laboratory scale reactors.
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To simulate fixed bed combustion and gasification as in the case of Sasol’s coal gasification,
the transient overfeed configuration with a reacting front that moves upward through the
packed bed operating on coal has proven useful [28, 29]. Fundamental to previous work in the
transient mode of operation was the differentiation between the diffusional controlled
combustion zone and the reaction controlled gasification zone [19]. The most important
properties that will adversely affect the reaction process are ash content, volatile matter,
moisture, swelling, grading, grit carryover, temperature and quality of feed gas as well as rank
of coal [30]. Hydrodynamic instabilities could be brought about by channelling effects, in turn
brought about by wide particle size distributions and high gas loads [31]. It becomes clear
when the current available literature is examined that the chemical transformational behaviour
of coal particles characterised after thermal conversion in a fixed bed was not a particular
focus. The most distinctive feature of previous researched reactors were also not the capability
of carefully removing bed contents without disturbing the bed structure especially when
investigating deep packed beds.

The objective of this paper is to determine through transient overfeed combustion and
gasification experiments, and with post bed dissection chemical analysis the degree of
reaction zone development of different particle size packings under constant gas flow
conditions. To accomplish these objectives the measurement of the transient exit gas
composition and temperature profile is used to establish the start-up behaviour and stable
combustion front formation during coal combustion. The detailed axial sampling methodology
and subsequent proximate and ultimate analysis of the bed contents are expected to deliver
the characteristic reaction zone data. The laboratory scale reactor offers an advantage during
sampling; especially since sampling industrial scale gasifiers requires processing of 100 tons
[1] of sample. The current transient mode of operation, where no additional solids are fed to
the reactor, represents combustors and gasifiers particularly during start-up procedures.

Experimental
The reactor used in this study was a laboratory scale fixed bed reactor and has been described
in detail elsewhere [12]. Briefly, the inner diameter is 104 mm and the length is 1.2 m,
thermocouples are inserted from the top and bottom of the reactor and fixed in position to
record the transient temperature profile axially along the bed length. Nitrogen and oxygen was
introduced from the bottom of the reactor, operating at atmospheric pressure, and was heated
up by an external heating mantel. The initial coal bed height of 520 mm was duplicated for all
of the experiments and consequently the coal loading varied marginally, nitrogen was used to
continuously purge the reactor while heat-up was underway. Once the bottom thermocouple,
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indicated as T₆, measured a temperature of 500°C, oxygen (23% molar concentration) was
introduced at a constant flux of 217 kg.m⁻².hr⁻¹ and combustion commenced. This particular
flux and concentration was selected to mimic the maximum temperature of both the previous
pilot and industrial scale reactors in the oxidation zone. Gas samples were taken at regular
time intervals at the exit of the reactor, after tar and particulates had been removed the gas
was analysed on a gas chromatograph. The reaction time was 3.5 hours after which oxygen
was shut off and the reactor was allowed to cool down under an inert nitrogen flow. The
reaction time was kept constant for all experiments and was chosen specifically to only
partially convert the bed contents allowing transformational behaviour of the particles to be
observed along the bed length.

Three coal particle size ranges were selected in the standard Taylor screen size range as
indicated in Table 3-1 and referred to throughout this paper as 8, 6 and 4 mm particles. These
particle sizes represent the reactor inner diameter to particle diameter ratios of 13, 18 and 26
respectively. The coal used was a bituminous medium rank C, seam four coal from the
Highveld region of South Africa. With a total vitrinite, liptinite and inertinite content of 27, 4 and
55% by volume (mineral matter basis) respectively. The proximate and ultimate analysis
results of the feed coal, shown in Table 3-2 and Table 3-3 indicated by the T₀ row for each
experiment are comparable to the work already conducted on industrial and pilot scale [1, 12,
28]. Coal was used, which is a volatile fuel, to mimic commercial and pilot scale operations
and the reactor was equipped with tar handling facilities to accommodate the complications
brought about by pyrolysis in the fixed bed.

A summary of the operating conditions of the experiments is presented in Table 3-1 showing
the 8 mm particle size experiments as the intended replicates. All of the experiments
duplicated as closely as possible not only the experimental conditions during start-up and
reaction time, but also coal loading before and gas sampling schedule during reaction time.
Gas sampling was consistent for all experiments with a higher frequency initially, i.e. with
samples taken at 1, 2, 4, 6 and 10 minutes, and at 30 minute intervals thereafter. This provided
the required resolution in the transient start-up phase and during the equilibrium combustion
phase.

To generate a comprehensive and detailed data set the physical properties of the coal and
the fuel bed were measured. The reporting of the physical characterisation is sometimes
omitted by other researchers. The bulk density for each packing was measured inside the
reactor and, was as expected similar, on average 750±20 kg.m⁻³. The true density was
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determined by helium pycnometry and was found to be 1800±200, 1800±100 and
1700±100 kg.m⁻³ for the 8, 6 and 4 mm particles respectively. The apparent density, was
determined by hydrostatic weighing in mercury and exhibited a systematic increase from
1310±40 to 1390±50 to 1440±60 kg.m⁻³ for the 4, 6 and 8 mm particles. Typically, the bed
void fraction, for narrow particle size ranges like these, showed no statistically significant
variation for the different particle size packings indicating that the inter particle void volume is
consistent throughout. The particle porosity was calculated based on the particle and true
density difference and results showed that the large particles has less open pore volume.
Sphericity for feed coal particles was determined by a separate permeatry experiment and it
was found that the 6 mm particles were slightly more spherical than the 8 and 4 mm particles.

After cool down the reactor was put in a horizontal position and the inner pipe was removed
which contained the post experiment fuel bed encapsulated in a coffin type assembly. When
loading the coal, porcelain balls were inserted above and below the coal bed allowing the
contents to be removed with minimal disturbance to the bed structure. These balls served the
purpose of gas distribution and heat up at the bottom of the reactor during operation and
structural support when the bed contents was removed. The segmented samples were
removed as 65 mm slices, all except the top most section with a height determined by the bed
height at the end, and the centre of each slice corresponding to a thermocouple location. The
mass of each sectional slice as dissected from the post run fuel bed is shown in Table 3-1.
These slices were separated into representative samples with a rotating sample splitter aiding
in homogenising samples before chemical and physical analysis.

Results and discussion
3.3.1

Temperature profile

The transient axial temperature profile for the reactor is depicted in Figure 3-1, where
continuous logging was implemented, and the results shown correspond to distinct time
intervals of the taken gas sampling that will be discussed in section 3.3.2. The heat up process,
under nitrogen flow, produced a temperature gradient in the reactor where the top temperature
(T₂) was below 50°C and the bottom temperature was 500°C (T₆). This is indicated in Figure
3-1 by the profile labelled “O₂ start”, which is the average measured temperature for the 8 mm
particle experiments right before oxygen was introduced. The subsequent introduction of
oxygen into the reactor commenced the exothermic combustion process, rapidly increasing
the temperature, as observed by the profiles shown in Figure 3-1 at 4, 10, 30 and 60 min. The
reaction front temperature reached a maximum on average at 18 min after oxygen was
introduced and moves up the reactor until it reached the second thermocouple T₅, after
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approximately 190 min. The reaction front velocity, defined as the average time for the front
to reach the same temperature at two successive thermocouples [32, 33], was in the order of
23±3 mm.h⁻¹. Contrary to the control philosophy reported by Bunt [28], where the gas flow was
manipulated in order to control the temperature at the bottom of the reactor at a constant
1250°C, the gas flux for the current experiment is fixed and therefore it can be observed that
once the reaction front passed the T₆ location the bottom of the reactor began to cool down,
measuring 400°C upon shutdown.
Table 3-1: Key reactor operational data
Unit

SM4_8mm_1

SM4_8mm_2

SM4_8mm_3

SM4_6mm_1

SM4_4mm_1

Particle Size

(mm)

+6.7-9.5

+6.7-9.6

+6.7-9.7

+4.75-6.7

+3.35-4.75

Sauter Mean Diameter

(mm)

8.1

8.1

8.1

5.7

4.1

(-)

64

64

64

91

128

Bed height to diameter ratio
Diameter to particle ratio

(-)

13

13

13

18

26

Bulk Density

(kg/m³)

742

748

745

772

764

True Density

(kg/m³)

1699

1699

1699

1826

1709

Apparent Density

(kg/m³)

1445

1445

1445

1393

1305

Bed Void

(-)

0.49

0.48

0.48

0.45

0.42

Particle Porosity

(-)

0.15

0.15

0.15

0.24

0.24

Sphericity

(-)

0.71

0.71

0.71

0.73

0.68

Air flux

(kg/m².h)

217

217

217

217

217

Height Bed Start

(mm)

520

520

520

520

520

Height Bed End

(mm)

315

313

320

314

312

(mm/min)

0.98

0.99

0.95

0.98

0.99

(-)

0.72

0.70

0.70

0.73

0.73

Bed Velocity
CO Molar Selectivity
H₂/CO Molar Ratio

(-)

0.85

0.85

0.87

0.89

0.92

Mass Total In

(g)

3280

3305

3290

3412

3373

Mass Total Out

(g)

1702

1793

1634

1708

1705

Sectional Mass Out T₁ Top

(g)

88

79

96

85

78

Sectional Mass Out T₂

(g)

284

269

265

280

301

Sectional Mass Out T₃

(g)

374

391

384

384

386

Sectional Mass Out T₄

(g)

350

385

363

368

374

Sectional Mass Out T₅

(g)

286

318

264

285

273

Sectional Mass Out T₆ Bottom

(g)

175

219

119

171

172

(kg/h)

0.45

0.43

0.47

0.49

0.48

Oxygen

(Nm³/kg Coal)

0.671

0.701

0.640

0.622

0.635

Crude Gas Yield

(Nm³/kg Coal)

4.7

4.9

4.4

4.5

4.2

Coal

(kg Coal/m².h)

53.1

50.8

55.7

57.3

56.1

Oxygen

(Nm³ O₂/m².h)

35.6

35.6

35.6

35.6

35.6

(Nm³ Gas/m².h)

117

114

113

123

102

Consumption:
Coal

Specific throughput

Crude Gas
Gas Composition (dry basis)
H₂

(mol%)

16.7

16.4

16.6

18.4

16.6

CO

(mol%)

22.0

21.1

20.7

21.8

19.4

CO₂

(mol%)

7.98

8.59

8.47

7.79

7.33

CH₄

(mol%)

0.0031

0.0033

0.0034

0.0034

0.0032

O₂

(mol%)

0.019

0.023

0.023

0.020

0.039

N₂

(mol%)

53.3

53.9

54.2

52.0

56.6

Page | 31

The thermocouples inserted into the bed were fixed at location during the loading of the coal
and occupied less than 2% of the surface area transverse to the gas flow. This being a deep
coal packing, it was opted not to insert a water cooled probe from the top of the reactor since
a probe, structurally capable of penetrating this deep packing, brings about excessive
disturbance to the structure. It was shown by Bunt et al. [3, 28] with the reflectance of char
inferred temperature that the thermocouple measurements inside a reacting coal bed
correlated well with that measured by the probes inserted, and it is assumed in this case that
this theory holds true for the solids temperature. The heat up from the electric heating mantel
was precisely controlled and the maximum solids temperature at T₅ varied from 1289, 1291,
1309, 1242 and 1360°C for the three 8 mm the 6 mm and 4 mm experiments respectively
under the same oxygen flux, indicating that localised variations are not completely avoidable
in multifaceted reacting environments. It is known that agglomeration could occur below the
ash flow temperature [34]. In this case the ash flow temperature for this coal ash was 1430°C
in the oxidizing and 1400°C in reducing environments, even though these high temperatures
were however not reached in the reactor, excessive agglomeration and clinkering of the ash
particles were observed.
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Figure 3-1: Transient axial temperature profile, average for the 8 mm repeat experiments

Page | 32

The postulated reaction zones are depicted in Figure 3-2, it can be observed that the
temperature at 210 min within the bed shows a maximum in the oxidation zone in the order of
1250°C. There is no drying zone postulated for these experiments; since the temperature at
the top of the packing was excessive and the top zone was identified as the pyrolysis zone.
This phenomenon will further be explained in section 3.3.3 along with the bed dissection
results. In the upper half of the pyrolysis zone it was observed that the 6 mm particle size
experiments appear to have higher heat transfer tendencies resulting in a higher zone
temperature than in the bottom third of the pyrolysis zone where it appears that the 4 mm
particle size experiments resulted in a lower than average temperature. A better understanding
of the heat transfer tendencies could be gained from more comprehensive transient behaviour
observations as depicted in Figure 3-3.
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Figure 3-2: Axial temperature profile at 210 min when oxygen flow is stopped, with the average and 95%
confidence interval indicated for the 8 mm repeat experiments

The heating mantel heating rate was controlled precisely at 10°C.min⁻¹ for all of the
experiments. Comparing the “O₂ start” profile for the different particle size experiments as
shown in Figure 3-3, it was noted that the heat up rate for the 8 mm particles showed a faster
heat transfer tendency followed by the 6 mm and subsequently the 4 mm particles, to some
extent contradicting the earlier observations by Bunt and Waanders [28]. At 30 min into the
reaction, when the reaction front has reached equilibrium and the bed temperature profile is
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fully developed, a similar trend is observed. It was noted that this propensity however, changed
as reaction time proceeded. At 90 min into the reaction it appeared that the heat transfer
propensity of the 6 mm particles is fastest followed by the 8 and the 4 mm and at the 210 min
mark it does appear that in the oxidation zone that the observations by Bunt and Waanders
[28] hold true. The heat transfer propensity from the reaction front appears to be irregular and
will influence the gasification reactions and rate of pyrolysis, volatiles release, higher up in the
bed.
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Figure 3-3: Transient axial temperature profile, averaged for the 8 mm repeat experiments compared to
the 6 mm and 4 mm at distinct time intervals

The maximum heating rates as defined by the time it took a thermocouple measurement to
reach its maximum, provides an indication of the heating rates experienced by the coal
particles within each of the reaction zones. In the pyrolysis zone, higher up in the bed, the
order of heating rates were typically in the range of 3°C.min⁻¹ for all of the experiments. The
reduction and oxidation zone heating rates were similar reaching 5 and 6°C.min⁻¹ respectively.
Upon initial oxygen introduction, excessive rates in the range of 34°C.min⁻¹ were observed
during the development of a stable reaction front and is considered that this heating rate
proceeds in a narrow front before the combustion process. The complex, constantly changing,
structure of packed coal particles under reacting conditions makes the prediction of heat
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transfer tendencies an intricate process of which the measurement presented here is only a
partial representation.

3.3.2

Gas composition

The typical transient exit gas profile for overfeed combustion and gasification is depicted for
the first 15 minutes in Figure 3-4, and for the entire 210 minutes in Figure 3-5. By not using a
chemical accelerant for the initial start-up of the reactor the gas composition was measured
from the start to observe the transient gas variations occurring during initial heat up of the
packed bed of particles before the equilibrium combustion front is formed. It is generally
accepted that a narrow oxidation zone exists with a length in the order of 1 particle diameter
of the original size fuel particle where oxygen content is rapidly reduced [25, 27]. The end of
this oxidation zone is marked by a peak in CO₂ concentration and accompanied by the
indicated maximum temperature. The peak in CO₂ appears 2 minutes after oxygen
introduction and correlates to a temperature of 580°C at T₆. If the average reaction front
velocity is in the order of 23 mm.h⁻¹, as reported previously, the theory holds true for this
instance as well, implying that the oxidation zone is even less than one particle diameter. Once
oxygen is depleted, the CO concentration rises as the carbon reduction of CO₂ converts solid
carbon into CO in the reduction zone. Few researchers report the hydrogen profile for overfeed
packed bed combustion and gasification. In the present case a maximum hydrogen content in
the gas phase was observed at 6 minutes corresponding to 945°C at T₆. It is typically formed
in the rapidly forming pyrolysis zone as the bed is initially heated up by the exothermic
oxidation reaction. Once a stable reaction front is formed, the exit gas profile stabilises with a
CO selectivity of 0.7 and a H₂:CO ratio of 0.85. Crude gas production was in the order of 4.5
Nm³/kg coal and the average coal consumption was in the order of 0.46 kg per hour.

The conversion rate is considered to be proportional to the gas mass flux, once equilibrium
combustion is reached and it appears that the conversion rate is constant for all particle sizes,
and no significant differences are observed in the equilibrium gas phase composition for the
different experiments. In the work presented here the height to diameter ratio at start-up is in
the order of 64, 91, 128 and 40, 55 and 77 at the end for the 8, 6 and 4 mm particles
experiments respectively. The concentration profile inside the packed bed is expected to scale
with the height to particle diameter ratio at constant flux, and in turn change the exit gas
composition. It was however observed that this theory breaks down for excessively deep beds
with particle sizes smaller than 10 mm [27] and for height to diameter ratios in excess of 40,
as is the case presented here.
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Figure 3-4: Exit gas composition for the first 15 minutes, showing the averaged values for the 8 mm
repeat experiments with the 95% confidence interval presented at each data point
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Figure 3-5: Exit gas composition showing the averaged values for the 8 mm repeat experiments with the
95% confidence interval presented at each data point
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From 90 to130 minutes a shift in the exit gas stoichiometry is seen and is accompanied by a
top temperature in the bed in excess of 140°C at T₂. It is postulated that at this stage of the
reaction that the drying zone has moved up in the reactor to such an extent that there is no
longer any drying taking place and hence a lesser degree to which the water gas shift reaction
can equilibrate the gas composition. From 130 to 210 min it is postulated that the pyrolysis
zone also moves up past the top of the bed and in effect results in a smaller pyrolysis zone
than that was present during the stable front formation after 30 minutes. The resultant reaction
zones are identified from a detailed bed characterisation and are presented in section 3.3.3.

3.3.3

Post conversion chemical characterisation of the bed contents

The proximate and ultimate analysis results are presented in Table 3-2 and Table 3-3 for each
section dissected from the bed contents and are labelled from bottom to top as T₆ to T₁; where
the row labelled as T₀ shows the original coal sample composition. The reaction zones were
identified as previously [1] and is indicated in Figure 3-6 which show remarkable similarities to
previous dissection results [1, 28]; there are however, some differences that will be pointed
out.
Table 3-2: Axial bed dissection results showing the proximate analysis along the bed length, where the
composition of the feed coal is indicated as the T₀ values
SM4_8mm_1

SM4_8mm_2

SM4_8mm_3

SM4_6mm_1

SM4_4mm_1

T₀

25.8

25.8

25.8

24.3

24.8

T₁

18.8

22.5

20.2

18.2

21.7

T₂

13.4

16.9

14.5

11.3

15.1

T₃

5.4

7.0

6.1

3.0

6.3

T₄

1.4

2.1

2.2

0.6

1.7

T₅

1.0

0.8

1.0

0.7

0.6

T₆

0.8

0.7

1.2

0.4

0.8

T₀

51.2

51.2

51.2

47.4

51.6

T₁

55.8

59.0

53.0

56.5

51.5

T₂

57.8

54.0

58.6

56.8

55.6

T₃

58.4

64.1

65.4

61.7

62.0

T₄

59.7

64.8

65.9

59.9

62.9

T₅

16.5

34.5

38.6

37.0

37.2

T₆

0.5

0.3

0.2

1.0

0.3

T₀

23.0

23.0

23.0

28.3

23.5

T₁

24.1

20.2

23.0

21.9

19.6

T₂

27.1

25.3

28.3

22.2

22.4

T₃

31.1

27.6

28.5

26.2

23.2

T₄

29.7

29.6

28.5

26.6

26.7

T₅

67.8

57.8

66.9

49.8

37.8

T₆

98.6

80.4

98.9

98.4

95.1

Proximate analysis (% db)
Volatile matter

Fixed carbon

Ash
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Table 3-3: Axial bed dissection results showing the ultimate analysis (normalised to 100 kg ash) outcome
along the bed length, the composition of the feed coal is indicated as the T₀ values
SM4_8mm_1

SM4_8mm_2

SM4_8mm_3

SM4_6mm_1

SM4_4mm_1

T₀

233.8

233.8

233.8

233.8

233.8

T₁

238.7

354.6

220.8

242.8

220.1

T₂

210.0

197.8

228.4

185.4

200.8

T₃

165.9

224.7

232.3

176.5

199.0

T₄

157.4

195.3

210.9

153.2

179.8

T₅

21.2

53.5

66.2

60.0

61.4

T₆

0.9

0.6

1.0

1.3

3.9

T₀

14.2

14.2

14.2

14.2

14.2

T₁

11.8

19.2

11.6

11.7

11.6

T₂

7.3

8.5

9.2

6.2

8.0

T₃

1.7

4.7

3.2

1.2

3.2

T₄

0.2

0.3

0.3

0.2

0.3

T₅

0.1

0.1

0.1

0.1

0.1

T₆

0.1

0.0

0.0

0.1

0.0

T₀

6.4

6.4

6.4

6.4

6.4

T₁

6.8

9.5

6.5

7.1

6.3

T₂

6.1

5.7

6.8

5.5

6.0

T₃

4.6

6.4

6.3

5.0

5.6

T₄

3.8

5.0

5.3

3.4

4.6

T₅

0.3

0.7

0.9

0.8

1.0

T₆

0.1

0.0

0.1

0.1

0.1

T₀

5.3

5.3

5.3

5.3

5.3

T₁

3.8

1.8

9.3

2.8

4.7

T₂

3.4

1.7

3.2

2.8

5.8

T₃

4.5

2.4

2.7

3.7

3.0

T₄

7.8

4.3

5.3

4.6

3.3

T₅

1.0

1.7

2.2

2.1

2.0

T₆

0.1

0.1

0.3

0.3

0.3

Ultimate analysis (kg/100 kg ash)
Carbon

Hydrogen

Nitrogen

Total Sulphur

When considering the volatile matter profile for the industrial scale gasifier there was volatile
matter recorded in the ash sample at the bottom of the reactor, and in the present work no
measurable volatile matter content was found. This could most likely be attributed to the longer
residence time, the particle size effect and the lack of steam in the laboratory reactor. Some
condensation of volatiles was observed in the pyrolysis zone of the industrial scale reactor but
not in the present work; it is likely as a result of the higher temperatures reached in the
experiments as indicated by the lack of a drying zone at the top of the reactor. Glover et al.
[35] noted that residual volatile matter was not influenced by the particle size effect and Bunt
and Waanders [1] could not conclude that there was a significant contribution to residual
volatile matter. From the current work it can be said that a post bed dissection of the three
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different particle sizes agrees with the conclusions made by Glover et al. [35] and shows no
mentionable affect. As depicted in Figure 3-6, 98% of the total volatile matter conversion
occurred in the pyrolysis zone and 1% each in the reduction and oxidation zone respectively.
The end of the pyrolysis zone was postulated to be that part of the bed where the volatile
matter content was below 2% and this indicated the start of the reduction zone.

In the postulated pyrolysis zone there is on average a 38% conversion of the fixed carbon,
indicating a significant overlap with the reduction zone. In the reduction and oxidation zone,
36% and 26% of the fixed carbon was converted respectively, and less than 1% of the fixed
carbon was present in the bottom ash, indicating a high conversion. Relative residence times
are typically longer in this reactor when compared to the industrial scale reactor since a 4-6%
loss of fixed carbon is reported to the bottoms ash. Combining the results from the temperature
profile, specifically the maximum temperature at the time of shutdown, and comparing it to the
residual fixed carbon content it does appear that the oxidation zone at the bottom of the reactor
is on average in the range of 12, 17 and 24 particle diameters in depth for the 8, 6 and 4 mm
particles respectively.

The conversion of hydrogen, nitrogen and total sulphur is presented in Figure 3-7 to Figure
3-9. Most of the hydrogen conversion coincides with the evolution of volatiles and by the
beginning of the reduction zone limited residual hydrogen is present. Nitrogen conversion on
the other hand is disseminated throughout the bed and is predominantly converted in the
reduction zone. Total sulphur conversion shows large scatter in the experimental data, there
is however an increase in sulphur content right above the reduction zone and can possibly be
related to the sulphur self-capturing effect [36].
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Figure 3-6: Axial bed dissection results showing the fixed carbon and volatile matter conversion along
the bed length
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Figure 3-7: Axial bed dissection results showing the hydrogen conversion along the bed length
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Figure 3-8: Axial bed dissection results showing the nitrogen conversion along the bed length
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Figure 3-9: Axial bed dissection results showing the total sulphur conversion along the bed length
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Chapter conclusions
From a fixed bed operational perspective it was found that particle size does not have a definite
influence on the maximum temperature of the solid particles. The heat transfer propensity from
the reaction front during transient operation was irregular, even under a constant air flux, and
the heating rates experienced by coal particles in the demarcated reaction zones also showed
no significant effect from particle size variation. During start-up great variation in the heating
rate was accompanied by a consequent variation in the gas composition. The characteristic
variation in gas composition demarcated the end of the presence of a drying zone at the top
of the reactor.

The dissection method proved to be a reliable method for characterising lab scale reactors
with minimal disturbance to the post experiment bed structure. When partial conversion of a
deep packed bed was undertaken, the characteristic coal combustion and gasification reaction
zones were identified. The residual volatile matter content was not influenced by particle size
variation, but rather by the maximum temperature reached in each zone. From the fixed
carbon conversion profile, significant overlap in the reduction and pyrolysis zone was observed
and was also found to be particle size independent in the range investigated here. The
absolute height of the oxidation zone was considered constant under experimental variation,
however, when measured in relative particle diameters, it is double the depth for the 4 mm
particles when compared to the 8 mm particles.

During start-up and operation the mass and energy transfer properties is influenced by the
chemical behavioural changes that coal particles undergo in deep packed beds, and also the
structural change that the bed packing undergoes. Though it was not the focus of this paper,
the physical and structural changes play a significant role in the transformational process and
will be part of future research on this reactor setup, especially with the dissection method
employed here where minimal disturbance to the bed contents was ensured.
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Chapter 4
Coal particle and bed physical transformational behaviour after
thermochemical conversion in a fixed bed

Frederik H. Conradie, John R. Bunt , Frans B. Waanders

Abstract
This paper examines the physical transformational behaviour that coal particles and the bed
structure undergo in a fixed bed reactor. The transient overfeed configuration is used with feed
gas entering from the bottom of the 1.2m reactor with an inner diameter of 104 mm. The fuel
bed loading of 3.4 kg on average, consisted of non-devolatilized seam two coal of 4, 6 and
8 mm particles from the Highveld region in South Africa and was inertinite-rich. Transient exit
gas composition and temperature profile inside the fixed bed of particles, is presented along
with a full chemical and physical characterisation of the feed coal and the partially converted
bed contents consisting of coal, char and ash particles. The bed dissection method
implemented was designed to limit mechanical fragmentation by minimizing particle handling
and bed structural disturbance during sampling. Particle size distribution and the particle size
distribution width showed a significant variation in the oxidation zone; and the ash bed was
not previously quantified on industrial scale experiments. The bulk, true as well as the
apparent densities (measured by hydrostatically weighing in mercury) are reported for the
different reaction zones of pyrolysis, reduction, oxidation and the ash bed, and showed
significant variation in each zone. The particles and the fixed bed structural change was
established by the measured particle porosity and the fixed bed voidage. The particles and
the fixed bed structural change is measured by the particle porosity and the fixed bed voidage.
The extensive role of particle agglomeration in the lower sections of the fixed bed was
demonstrated in the bed voidage data and is evidently tracked as the reaction front moves up
through the fixed bed of particles. The mode of operation simulated the transient start-up
procedure and subsequent particle and bed transformational behaviour during industrial fixed
bed combustion and gasification.

Keywords: Coal, Thermochemical conversion, Density, Bed Voidage, Particle Porosity.
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Introduction
To accomplish maximum gas production during fixed bed gasification and combustion a well
permeable bed structure is essential. In recent literature on industrial scale gasifier
dissections, valuable insight was generated into the physical transformational behaviour that
coal, char and ash particles undergo specifically referring to rarely reported variables like
particle size distribution, mean particle size, bulk and particle densities [1, 2]. However the
majority of this research did not focus on the effect of these variables on the resulting fixed
bed macroscopic structure. This paper therefore investigates the effect of feed particle size
on the physical transformational behaviour of coal particles and the macroscopic structure
developed during fixed bed combustion and gasification. Experiments using different nonuniformly sized feed coal particle sizes, in narrow size distributions, are presented to assess
the physical transformation of particles and bed structure under the condition of constant feed
gas flux.

To promote stable reaction front formation and gasifier operation, excessive fine particle
generation along with bridging or channelling should be mitigated. Knowledge of the PSD and
Sauter mean particle size along with the particle size distribution width (span) is used to predict
gasifier stability [3]. There is a limitation to the maximum particle size that can be fed to
gasifiers and is chiefly dependant on the solids feeding system. Small size particles generated
by thermal or mechanical fragmentation can be fluidized and as a result get carried over in the
raw gas stream. Generally there is solids handling incorporated into the gas loop but this
results in downstream challenges. Coal samples i.e. lignite or bituminous coals, showed large
variations in PSD in the drying and upper pyrolysis zones of commercial gasifier dissection
studies [1, 2]. This is largely attributed to pressure build-up during water and volatiles evolution
due to temperature increase of descending coal particles. In the lignite case a size reduction
as measured by the Sauter mean diameter showed an 85% reduction in the drying zone alone.
Krishnudu reported the axial PSD for two different Indian coals after pressurized gasification
and mentioned the increase in small particle size fraction (-6 mm) in the lower part of the
gasifier for both coal samples [4]. The degree of fragmentation and the resultant fines
generation increases with increasing particle size [5]. In order to sample solid material from
an industrial gasifier the bed contents was quenched with water. The water quench of an
industrial gasifier can result in exfoliation of char particles, thus altering the PSD, and was not
characterised in previous studies. Glover noted that turnout sampling of bed contents with
subsequent particle size analysis should be treated with caution since disruptive handling is
unavoidable [6]. For biomass char particles large quantities of fines are reported in the
combustion zone [7], and the bed lowering sampling methodology can contribute to
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segregation of particles, in so doing the top sample in the bed is affected the most since it is
sampled last. It is generally accepted that a decrease in average particle size and an increase
in particle size width can result in low bed permeability and a larger pressure drop across the
bed length. These results are however from experiments where a container is filled with
particles in a loose packing method and with the complex packing characteristics in mind,
could result in differences to that observed in the commercial reactors due to the difference in
deposition method where particles in a gasifier undergoes shape changes as it descends [8].
Development of the bed structure might include clinkering of ash particles and agglomeration
of char in a plastic zone due to swelling [7], complicated flow phenomena might not be
represented by these artificial characteristic packings. On the other hand if there is no
fragmentation, insufficient surface area might have a negative effect on conversion in the
gasification zone due to a lack of sufficient reactive surface area.

In the design of industrial equipment like gasifiers the dependence of throughput and any part
of the solids handling system on the bulk density is of vital importance. The fuel residence
time, bed permeability, time spent in each reaction zone, solids velocity and to a certain degree
the gas flow rate is all dependant on the bulk density [9, 10]. Since the bulk density in not an
intrinsic property, but dependant on how the coal is handled it is not surprising to see the great
variation in the literature data. Bunt and Waanders as well as Krishnudu both showed a
decrease in bulk density in the drying zone and cited the volatile matter and moisture release
as the main contributing factor [1, 4]. Subsequently an increase was observed in the reduction
and ash zone, albeit that the absolute inflection point did not correlate, similar trends were
observed. In the lignite dissection data no significant change was observed in the drying and
de-volatilization zones, even under significant fragmentation as evident by the change in
Sauter mean diameter [2]. However, the most significant increase was observed in the
reduction and ash zones in concurrence with the carbon conversion and the increase in ash
content. The ash grate turn out sampling methodology will have a great influence on the
certainty of the location of all the coal samples inside the reactor and in the disruptive handling,
bring about mitigation of agglomeration and clinkering bed effects that are unavoidable.

The hydrodynamic stability of fixed bed gasifiers is largely dependent on the bed voidage and
currently no measured online data for industrial gasifiers are published. Krishnudu presented
bed voidage and indicated an increase from 0.40 to 0.55 or 0.45 to 0.75 for two different Indian
coals. This work is one of the few publications presenting bed voidage based calculations from
the relation of bulk density to helium density. From previous work, bed voidage can be derived
for industrial scale gasifiers, and it was found that it varied from 0.30 at the top of the gasifier
to 0.60 at the bottom for South African bituminous coals and stayed almost constant for the
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North Dakota lignite, in the order of 0.40 [1, 2]. A significant parameter to heat and mass
transfer in fixed beds, particle porosity, was not presented in most of the dissection literature
and warrants further investigation.

The objective of this paper is to present a bed dissection method with minimal disturbance to
the bed structure and the subsequent physical analysis of particles to elucidate the resulting
bed structural change along the bed length. Partial conversion of the bed contents, made it
possible to study the physical transformational behaviour of particles along the bed length as
the reaction front propagates through the fixed bed of particles. Chemical characterisation was
undertaken and the characteristic reaction zones were identified based on proximate and
ultimate analysis, accompanied with transient axial temperature measurements and exit gas
composition data. The sampling methodology is specifically designed for the investigation of
the physical transformation of coal, char and ash particles as the particles undergo conversion
during fixed bed gasification and combustion in overfeed operation with a constant feed gas
flux. Coal particle chemical transformational characterisation was recently established with the
implementation of this same bed sampling technique [11].

Experiments
The laboratory scale fixed bed reactor used for the experiments was described in detail
elsewhere [11, 12]. Briefly, the reactor was operated batch wise in overfeed mode with a fixed
coal loading and constant gas feed of oxygen and nitrogen from the bottom of the reactor. For
a coal bed height of 520 mm, the total coal loading on average was 3.3 kg for all the
experiments. The total height of the reactor was 1200 mm with an inner diameter of 104 mm.
The Initial heat-up of the fuel bed was accomplished by an external electric heating mantel set
at 700°C, while only nitrogen was fed to the reactor. Axial temperature measurement was
logged continuously from different thermocouples transversely inserted into the coal bed. The
bottom thermocouple T₆, (refer to Figure 4-1), was located 20 mm inside the coal packing and
once a temperature of 500°C was reached at this location oxygen was introduced and the
combustion process started. Exit gas samples were taken at regular intervals, and analysed
with a gas chromatograph, to show the extent of the stable combustion front formation and its
movement up in the reactor. The aim is to mimic industrial gasification operation, specifically
in the oxidation zone, and the maximum temperature is not to exceed 1200°C. For this
particular coal an average air flux of 202 kg.m⁻².hr⁻¹ at a molar oxygen concentration of 22%
was used to achieve this. Quenching the gasification process was accomplished by stopping
the oxygen flow and allowing the reactor to cool down to atmospheric conditions under
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nitrogen flow. This method of quenching the reactor was chosen instead of a water quench
since its influence on the bed structure was considered to be minimal.

Coal properties could have an influence on the conversion rate and the resultant bed and
particle structure that forms; the coal was therefore characterised on a physical, chemical,
mineralogical and petrographic basis. As shown in Table 4-1 an inertinite rich seam two South
African coal from the Highveld region was used for the experiments. The inertinite macerals
of the char should form a denser, inert char structure during the devolatilization process [13].
The plasticity or swelling behaviour of the coal was characterised by the free swelling index
and Ruhr dilatation, which show that this particular coal does not have an excessive swelling
propensity. The speciation of volatile products during devolatilization was assessed with the
standard Fischer-assay. The distribution of components within the inorganic phase was
characterised by X-ray diffraction, on the coal sample, and by X-ray fluorescence on the coal
ash.

The fuel chosen for these experiments is a medium volatile containing fuel, specifically
selected for the propensity to develop a pyrolysis zone. The high carbon content, presented
in Table 4-2, makes this coal suitable for conversion during gasification or combustion. Three
particle sizes in a narrow size range of the standard screens were used. To minimise the wall
packing effects, the reactor to particle diameter was larger than 10 in all cases. The narrow
particle size ranges was shown to provide stable reaction front development and was likely to
mitigate channelling effects [14]. Bed voidage was determined in a separate container with
the same diameter by the use of water displacement. Particle sphericity was determined via
permeatry experiments in a Perspex column having a similar diameter as the reactor. Bulk
density (𝜌𝑏 ) for each unreacted coal sample was determined in the reactor cavity, but also in
the separate experimental setup used for the voidage determination. Apparent density (𝜌𝑠 )
was measured by hydrostatically weighing in mercury and the true density (𝜌𝑡 ) was determined
by helium pycnometry. By using these density measurements, the bed voidage (𝜖𝐵 ) and the
particle porosity (𝜖𝑃 ) could be determined by the relations presented in equations (1) and (2).
The specific open pore volume (𝑉̂𝑂𝑃 ) and the specific inter particle void (𝑉̂𝑉 ) volume was
calculated with the use of equations (3) and (4).
𝜌𝑏
)
𝜌𝑡

(1)

𝜌𝑠
𝜖𝑃 = 1 − ( )
𝜌𝑡

(2)

𝜖𝐵 = 1 − (
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1
1
𝑉̂𝑂𝑃 = ( − )
𝜌𝑠 𝜌𝑡

(3)

1
1
𝑉̂𝑉 = ( − )
𝜌𝑏 𝜌𝑠

(4)

Reactor operational data for all the experiments is presented in Table 4-3 along with typical
consumption and performance figures. The reactor was a pipe in pipe design and was
designed to pivot in the centre, this allows the entire reactor assembly to be placed in the
horizontal position. A schematic representation is provided in Figure 4-1. The ceramic particles
on top and beneath the post experiment fuel bed provides support for the fixed bed structure.
The inner pipe is longitudinally cut into two and can be open like a coffin allowing minimal
disturbance to the bed structure and ease of sampling of the bed contents. A steel sampling
tool was designed and inserted into the bed contents with distinct sampling sections to ensure
constant sampling. The exact height and volume for each section was known. Minimal fine
particles are generated due to the nominal handling of particles from each section. Accurate
temperature measurements were taken from the centre of each section by fixed
thermocouples allowing the determination of heating rates and the reaction front velocity.
These sections were analysed chemically (proximate and ultimate analysis) and physically
(particle size distribution, bulk density, true density, apparent density) using standard
methods.
Reactor vertical during operation

Reactor pivots to be placed in the horizontal
position for bed contents analysis
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Figure 4-1: Schematic diagram of the reactor setup
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Table 4-1: Coal characterisation results
Fischer-assay [% by weight on an ash free basis)]
Coke/Char

83.0

Tar

6.69

Gas

4.69

Water
Petrographic analyses [% by volume (mineral matter basis)]

5.65

Summary from point count analyses.
Total Vitrinite

33

Total Liptinite

3

Total Inertinite

54

Visible Minerals
XRF [ash analyses – % by weight on a loss of ignition free basis]

10

Ash species
Al₂O₃

33.43

SiO₂

39.00

CaO₂

9.04

Cr₂O₃

0.03

Fe₂O₃

7.75

K₂O

0.55

MgO

1.76

MnO

0.06

Na₂O

N/D

P₂O₅

0.78

TiO₂

1.96

V₂O₅

0.03

ZrO₂

0.09

Ba

0.27

Sr

0.21

SO₃
XRD mineral analyses [% by weight on a dry basis]

5.03

Mineral species
Anatase

0.33

Calcite

4.59

Dolomite

4.39

Graphite

56.30

Kaolinite

26.55

Magnetite

0.35

Muscovite

2.33

Pyrite

4.74

Quartz

0.19

Rutile

0.16

Siderite

0.05

Free swelling index

1.0

Ruhr dilatation
Softening temperature

(°C)

416

Temperature of maximum contraction

(°C)

500

Temperature of maximum dilatation

(°C)

N/A

Maximum contraction

(%)

7

Maximum dilatation

(%)

N/A
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Table 4-2: Coal particle and fixed bed properties
Unit

SM2_8mm

SM2_6mm

SM2_4mm

Volatile matter

(wt.% db)

23.7

22.1

23.2

Fixed carbon

(wt.% db)

58.1

55.3

57.6

Ash

(wt.% db)

18.2

22.6

19.1

Proximate analysis

Ultimate analysis
Carbon

(% dmmf)

82.7

82.1

82.6

Hydrogen

(% dmmf)

5.04

4.89

4.99

Nitrogen

(% dmmf)

2.00

1.95

2.01

Total Sulfur

(% dmmf)

0.58

0.68

0.56

Gross Calorific Value

(MJ/kg)

27.1

23.6

27.3

Bulk Density

(kg/m³)

761

777

770

True Density

(kg/m³)

1531

1505

1557

Apparent Density

(kg/m³)

1476

1368

1356

Bed Void

(-)

0.484

0.432

0.432

Particle Porosity

(-)

0.090

0.27

0.14

Particle Sphericity

(-)

0.73

0.72

0.69

Specific Open Pore Volume

(× 10⁻² cm³/g)

6.70

22.9

10.4

Specific Inter Particle Void Volume

(× 10⁻² cm³/g)

94.9

101.9

90.1

db = dry basis, dmmf = dry mineral matter free basis
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Table 4-3: Key reactor operational data
Unit

SM2_8mm_1

SM2_8mm_2

SM2_8mm_3

SM2_6mm_1

SM2_4mm_1

Particle Size

(mm)

+6.7-9.5

+6.7-9.6

+6.7-9.7

+4.75-6.7

+3.35-4.75

Sauter Mean Diameter

(mm)

8.1

8.1

8.1

5.7

4.1

(-)

64

64

64

91

128

Bed height to diameter ratio
Diameter to particle ratio

(-)

13

13

13

18

26

Bulk Density

(kg/m³)

766

763

753

777

770

Air flux

kg/m².h

221

222

189

189

189

(mm)

520

520

520

520

520

Height Bed Start
Height Bed End
Bed Velocity
CO Molar Selectivity

(mm)

395

399

391

421

425

(mm/min)

0.60

0.58

0.61

0.47

0.45

(-)

0.65

0.61

0.61

0.65

0.67

H₂/CO mol Ratio

(-)

1.06

1.13

1.14

1.11

1.12

Mass Total In

(g)

3385

3372

3327

3432

3401

Mass Total Out

(g)

2029

2001

2065

2166

2217

Sectional Mass Out T₁ Top

(g)

505

482

498

551

646

Sectional Mass Out T₂

(g)

281

295

274

323

297

Sectional Mass Out T₃

(g)

359

326

362

338

337

Sectional Mass Out T₄

(g)

348

346

366

362

368

Sectional Mass Out T₅

(g)

211

246

225

262

312

192

176

250

205

134

Sectional Mass Out T₆ Bottom
Consumption

(g)
(dry ash free basis)

Coal

(kg/h)

0.64

0.61

0.61

0.60

0.55

Oxygen

(Nm³/kg Coal)

0.51

0.53

0.44

0.45

0.49

1.5

1.5

1.4

1.5

1.3

(kg Coal/m².h¹)

75.1

72.3

72.3

70.7

64.6

Oxygen

(Nm³ O₂/m².h¹)

38.4

38.4

31.7

31.7

31.7

Crude Gas (dry)

(Nm³ Gas/m².h¹)

116

110

100

104

85

H₂

(mol%)

20.9

19.9

20.9

21.9

19.0

Crude Gas Yield (dry)
Specific throughput
Coal

(Nm³/kg Coal)
(dry ash free basis)

Gas Composition (dry basis)

CO

(mol%)

19.7

17.6

18.3

19.8

16.9

CO₂

(mol%)

10.8

11.2

11.8

10.5

8.49

CH₄

(mol%)

1.49

1.51

1.52

1.58

1.35

O₂

(mol%)

0.0175

0.0123

0.0208

0.0213

0.0342

N₂

(mol%)

58.4

61.9

57.9

57.1

59.8
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Results and discussion
4.3.1

Temperature profile and gas concentration

The external electric heating mantel, located beneath the coal bed, was precisely controlled
at a 10°C.min⁻¹ heating rate. This produced the initial temperature profile in the reactor with a
T₆ temperature of 500°C and a T₂, at the top of the reactor, of less than 50°C (Figure 4-2), this
is typically how industrial scale operation will behave during start-up. In the course of start-up
of an industrial coal gasifier this heating is accomplished using steam addition at atmospheric
pressure. Once adequate heating of the coal took place air is introduced and the CO₂ in the
exit gas is monitored to assess the extent of the combustion front formation before
pressurizing and switching over to gasification agents. The development of a homogeneous
reaction front in the industrial and the laboratory unit is largely dependent on this start-up
procedure.

The bed structure development during the start-up procedure takes in the order of 3 hours and
the transient temperature measurement represents the reaction front movement axially along
the bed length. After the initial rapid temperature increase, indicated by the temperature profile
after 30 min, a quasi-steady state was reached. Gradual change in the fuel bed was observed
with an average reaction front velocity of 22±6 mm.h⁻¹. The ash bed formed at the bottom of
the reactor cools down as the reaction front moves up and as a result a temperature of 400°C
was recorded when the oxygen feed was ceased.

The heating rate plays a significant role in particle fracture during coal conversion, in the upper
part of the reactor where pyrolysis predominantly occurs, where heating rates in the order of
1 to 2°C.min⁻¹ was recorded. Maximum heating rates, in the order of 36°C.min⁻¹, was recorded
during initial oxygen introduction for a period of 30 min. After 210 min the combustion reaction
was stopped and the nitrogen quench of the bed contents took 12 hours. The upper part of
the fuel bed recorded a temperature in excess of 400°C making the presence of any drying
zone unlikely.
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Figure 4-2: Transient axial temperature profile averaged for the 8 mm repeat experiments

Initial gas composition, as depicted in Figure 4-3, indicates a hydrogen spike as is to be
expected during the heat-up of coal particles, i.e. most can be attributed to the pyrolysis
process accompanied by methane formation. As the combustion front develops and the
maximum temperature is increased, a state of equilibrium is reached as is evident from the
exit gas composition. Once this stable reaction front is formed the CO selectivity of 0.65 and
an H₂:CO ratio of 1.1 was observed. These values are based on the average, obtained from
the identified stable reaction front formation (at t = 30 minutes) to the end of the experiment
(at t = 210 minutes).
The effect of particle size as well as the bed height to particle diameter ratio on exit gas
composition was not expected to be significantly different for the particle size range
experiments presented here, as is depicted in Figure 4-3. This is typically the case for deep
packed bed [7, 15]. The narrow particle size distribution also theoretically decreased the
likelihood of channelling, bridging or irregular operation. The constant feed gas mass flux was
kept constant specifically to keep the exit gas composition to within inherent experimental
variation. During the initial transient state, (right after the introduction of oxygen into the
reactor), the reaction zones form rapidly as the temperature is increased and the reaction front
is fully formed. The pyrolysis process higher up in the bed explains the increase of hydrogen
and methane formation during the first 30 minutes. An increase in the carbon monoxide and
an eventual stabilisation of the carbon dioxide selectivity indicates that the reaction front is
fully developed and all the other reaction zones are stable and moving up within the bed. At
Page | 55

130 minutes a decrease in the hydrogen content is observed and it is postulated that this
indicates the end of the drying zone. Since drying of particles was considered to have a large
effect on particle fragmentation, all the moisture was allowed to evaporate and to promote the
maximum possible fragmentation effect. This promoted the simulation of the worst possible
case for particle fragmentation since the maximum throughput for a commercial gasifier is
limited not by the average bed properties but rather the worst case scenario [6].
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Figure 4-3: Exit gas composition showing the averaged values for the 8 mm repeat experiments with the
95% confidence interval presented at each data point

4.3.2

Analysis of bed contents

To accompany the physical characterisation of the bed contents a full chemical analysis was
also undertaken, the results of which will briefly be discussed. The proximate and ultimate
analysis results were used to identify the characteristic reaction zones found in combustion
and gasification fixed bed reactors [16, 17]. These reaction zones are depicted in Figure 4-4,
and Figure 4-5. The volatile matter conversion coincided with most of the hydrogen evolution
and the total sulphur conversion occurred mostly in the oxidation and reduction zone. The
temperature profile at the time of oxygen shutdown is depicted in Figure 4-4 indicating that the
maximum temperature coincided well with the bed dissected results for the identification of
the oxidation zone. The end of the pyrolysis zone for all the experiments was taken to be the
height at which the volatile matter content was lower that 2% on a dry basis. No drying zone
was observed for any of the experiments, but is evident with measured temperatures at the
top of the bed in excess of 300°C.
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Figure 4-4: Bed dissection proximate analysis results showing the axial conversion of fixed carbon,
volatile matter and the average temperature profile along the bed length, averaged for the 8 mm repeat
experiments
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Contrasting to the findings of Bunt and Waanders [1] as well as those of Mangena et al. [2],
the drying of particles in a fixed bed did not have such a prominent effect at the top of the
reactor, with an average reduction in size of only 18% from the original feed particle size as
measured by the Sauter mean diameter (Figure 4-6). A statistically significant variation was
seen in the 4 mm particle results, with only a 12% reduction in Sauter mean diameter, in this
zone, which was to be expected since fragmentation of smaller particles are less likely [5].
Similarly in the reduction zone, for the 6 and 8 mm particles a reduction in Sauter mean
diameter of 46% was measured and only 23% for the 4 mm particles. In the oxidation zone
and ash bed, the particle size as indicated by the Sauter mean diameter was statistically
indistinguishable between the different particle size experiments. It is known that the
representation of particle size by the Sauter mean dimeter is sensitive to the small size fraction
[3], even though large agglomerates, larger that 19 mm in size, of particles were removed from
the bed in this section, the contribution of on average 4% (by weight) of the particles being
smaller than 0.5 mm significantly lowers the mean particle size. Since the heating rates for
particles in the entire bed was on average in the range of 1 to 2°C.min⁻¹, with the exception of
the narrow ignition zone, and the bed sampling was accomplished with minimal disturbance
to the structure, the particle size reduction is attributed to chemical conversion and not
mechanical or thermal fragmentation
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Figure 4-6: Axial bed dissection particle size analysis results showing the Sauter mean diameter
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The particle size distribution width or span as represented by the difference between the
𝑑90 and 𝑑10 divided by the 𝑑50 is depicted in Figure 4-7. It is known for the case of deep
packed bed combustion and gasification that a wide distribution in particle size likely leads to
channelling and operational instabilities [14], this was however not observed for this particular
particle size range. In the present work the particle size width was narrow at the start and
developed an excessive span, for all of the particle sizes, near the bottom of the reactor as
the ash bed is formed. This is likely due to the radial temperature distribution resulting in clicker
formation in the centre of the reactor. This could have led to hydrodynamic instabilities, but
none was observed in the experiments. In the turnout sampling methodology of industrial scale
gasifiers this effect could have been mitigated due to the particle handling and the interaction
with the ash grate during sampling. Accurately controlling the feed particle size to an industrial
scale gasifier is considered a possible solution to hydrodynamic instabilities, but is a difficult
variable to control [18, 19], these results however show that even perfectly controlling particle
size could lead to wide particle size distribution widths as particles undergo physical and
chemical transformation.
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Figure 4-7: Axial bed dissection particle size analysis results showing the particle size distribution width

With the reactor shape and size kept constant and the variation in particle size obtained, some
differences in packing density was expected, however, no mentionable difference in the bulk
density was observed for the different experiments. In examining the work of Bunt and
Waanders [1] as well as that of Mangena et al. [2], an increase in the bulk density is expected,
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however, a decrease in bulk density was found in the oxidation zone and ash bed (Figure 4-8).
The increase in ash content does not lead to an increase in bulk density, rather, clinkering and
agglomeration of particles plays a role in the packing, forming a solid porous structure,
increasing the inter particle void volume as a result. During the chemical and physical
transformation of particles in the fixed bed the change in particle shape, size and particle size
distribution resulted in an apparent density that is largely unchanged from the top of the reactor
to the bottom. With the complex conversion process of carbonaceous material and the
resultant gradual increase of mineral matter, it was suspected that a large difference from the
original coal apparent density to that of a mineral matter rich ash particles was to be evident,
but it was however not the case. This implies that the solid material volume, closed pore
volume and the open pore volume in relation to the particle mass changed in similar
proportions as conversion progressed.
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Figure 4-8: Axial bed dissection results for the bulk, apparent and true density, with the average and 95%
confidence interval indicated for the 8 mm repeat experiments

The true density increased in the pyrolysis zone as volatiles is evolved from the coal particles
and is in accordance to the observations of industrial scale turn out results; this is largely
attributed to an increase in open pore volume as the pyrolysis process progressed. With most
of the volatiles evolved, a maximum true density is observed in the lower part of the pyrolysis
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zone and this stays constant throughout the reduction and oxidation zones as well as the ash
bed at the bottom, where most of the carbonaceous material is converted and a high density
ash agglomerate remains.

An increase in the particle porosity was found while the bed voidage was unaltered in the
upper pyrolysis zone (Figure 4-9). Even with a large spread in the porosity data, a general
trend is clearly discernible for all of the experiments. The change in particle porosity was found
to be accompanied by an increase in open pore volume during the volatiles release and the
maximum corresponded to an average volatile matter conversion of 85%. Observing the trend
in the data it was found that the 4 mm particles had the greatest open pore development ratio
followed by the 8 mm and then the 6 mm particles, when compared to the original particle
structure. On average the particle porosity never exceeded 0.56 which demonstrates
excessive pore development when compared to the original particle porosity of 0.09, 0.27 and
0.14 for the 4, 6 and 8 mm particles respectively. This increase in particle porosity in the ash
bed leads to a reduction in the ash volume, this accompanied by an increase in the bed
voidage leads to possible reduction in the blanketing effects and enhances heat and mass
transfer effects.
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Figure 4-9: Axial bed dissection results for bed voidage and particle porosity based on density
measurements, with the average and 95% confidence interval indicated for the 8 mm repeat experiments
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Bed voidage as reported by Krishnudu [4], on pilot scale, showed an increase from 0.4 - 0.45
at the top of the reactor to 0.55 - 0.70 at the bottom of the reactor, and is similar to the results
obtained in the current work. However, from the industrial scale turnout sampling data a
minimal variation in bed voidage averaged around 0.4 for the lignite coal throughout the bed,
and ranging from 0.26 in the drying zone to a maximum of 0.62 in the reduction zone for the
bituminous coal. The deposition method for the current experiments did not change since
batch loading was undertaken, and in the industrial case continuous feeding likely brought
about mechanical fragmentation. This resultant presentation of the bed voidage is as a result
of predominantly chemical conversion of the original coal particles, showing the possible range
for each reaction zone. When considering the particle size range in these experiments the bed
voidage data was considered to be alike, not only in the general trend, but also in the absolute
value where no statistically significant differentiation was made.

Chapter conclusions
The reactor design and method of sampling solids from a fixed bed after combustion and
gasification proved to be reliable in the accurate representation of the physical
transformational behaviour that coal particles undergo. Mechanical fragmentation was limited
and the resultant physical properties as well as the macroscopic structure could be studied.
The large degree of clinkering and its effect on the structure was not evident from previous
industrial scale experiments. Moreover, the maximum particle porosity was strongly influenced
by the degree of volatiles release for all particle sizes, with a maximum particle porosity
coinciding with an average of 15% residual volatile matter.

Even in the case presented here where all experiments were conducted with particles in a
narrow particle size range, the physical and chemical transformation resulted in wide particle
size distributions. With the resultant large span in particle size distribution, no channelling
effects or hydrodynamic instabilities were observed during experimentation, indicating that the
complexities of fixed bed macroscopic structural formation during combustion and gasification
is not only dependant on chemical transformation but also the vertical movement of solids
down the reactor. The wide span, in the oxidation zone and ash bed, of particle size and the
bed voidage was due to clinkering and agglomeration effects brought about by chemical
transformation, and the agglomerates were not broken down as would be the case in the
previous industrial turnout sampling. With complete drying of particles at the top of the reactor
and the effects on particle size were found to not be as prominent as reported in earlier work;
this discrepancy is explained by the differences in coal particle samples and the resultant
mechanical handling during sampling.
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The macroscopic structure depends not only on the characteristics of the particle, container,
deposition method, and whether compaction was applied, but also on the agglomeration
propensity, which results in the formation of a complex physical structure of interconnecting
pores. The favourable comparison made to pilot and industrial scale operations with respect
to the physical transformational behaviour that particles and the bed structure undergo during
fixed bed gasification and combustion aids in the characterisation of different fuel types.
Utilizing this current technique, future work on the resultant shape factors of particles and its
effect on channel formation will aid in the more accurate hydrodynamic and chemical species
transformation prediction in fixed beds with a changing structure during conversion.
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Chapter 5
Concluding Summary
Concluding remarks
A novel laboratory scale fixed bed reactor was designed and installed with the aim of
simulating industrial scale reactors operating on lump coal particles in a fixed bed
configuration. After conducting systematic comparative experiments it was shown that the
laboratory scale reactor can produce a comparable temperature profile and characteristic
reaction zones found in the pilot and industrial scale work by using similar inertinite-rich coal.
The developed operational method proved to be representative of industrial scale operating
conditions which demonstrated the installation to be a valuable and comparatively inexpensive
aid in the characterisation of reactive deep coal beds. The novel post experiment bed
dissection method is flexible and able to accurately characterise the residual bed contents of
different solid fuel types along the axial direction of fixed beds.

In characterising the transient start-up behaviour of reactive fixed coal beds it can be
concluded that the heat transfer propensity is irregular. As indicated by the variation in
maximum temperature measured and the velocity of the reaction front under experimentally
similar conditions, for the seam two and four coal, it is concluded that the variation in fixed bed
structure and particle structural development influences the reaction process and transport
properties. Coal specific consumption figures of utilities used and raw gas produced in the
gasification and combustion process is largely insensitive to this transient variation and
unresponsive to particle size variation, in the range tested here. This again emphasizes the
need for accurate bed dissection information as support to the validation of modelling studies,
which will lead to the prediction of accurate maximum temperatures reached, which in turn
could predict conditions to avoid clicker formation, higher gas loads and improved gasifier
throughput.

The time to reach a stable reaction front largely depends on the heat up time of the bed
contents to the maximum temperature under particular conditions. This stable reaction front
formation resulted in a predictable exit gas composition when all the reaction zones were fully
developed. The movement of the reaction front and the reaction zones up through the packed
bed was also identified by the exit gas composition. The eventual complete drying of coal at
the top of the reactor and the subsequent elimination of the drying zone brought about a
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change in exit gas composition. By operating the reactor with the aim of complete conversion
of the entire bed contents, and by measuring the exit gas composition online, the subsequent
transition between all the reaction zones would be observed. This proposed transient method
of reaction zone tracking will be more representative of the transition between each reaction
zone than attempting to insert a probe for gas sampling while disturbing the bed contents.

The horizontal placement of the reactor contents, the structural support by the ceramic
spherical particles and the simultaneous sectional sampling of the entire residual bed contents
provided an accurate representation of the physical transformational behaviour along the axial
direction of fixed beds. For all of the particle sizes studied in a narrow particle size distribution
the resultant particle size width after reaction varied greatly and no gasifier instabilities were
observed, therefore it can be concluded that the vertical movement of solid particles under
incremental flow conditions influences stability during industrial operation. In the drying zone
uncharacteristically little change in particle size distribution was observed for all the particle
sizes, it is likely explained by the coal particle samples, the small thermally stable size and the
minimal mechanical handling during sampling. The largest contribution to particle porosity
development was as a result of the volatiles released. At a residual volatile matter content of
15% in the devolatilization zone most of the particle porosity development reached a
maximum. Agglomeration and clinkering of the ash particles resulted in a porous structure
capable of supporting the entire bed contents with great permeability, this results in
unrestricted flow conditions and solid material removal difficulties since this agglomerate has
to be broken down. The bed voidage development is unpredictable in the oxidation as well as
ash zone and not particle size dependant, with variation from 0.4 to a maximum of 0.8, it is
however dependent on the ash fusion tendency at the point of contact between particles.
Possible hydrodynamic instabilities in the ash zone is therefore a result of inconsistent bed
collapse, small particle entrainment or as a result of the rotating ash grate’s disturbance to the
bed structure for ash removal in industrial operations. The particle porosity measured at the
bottom of the reactor where most of the conversion was already completed was as high as
0.8 in some cases showing excessive pore structure development. This pore structural
development has a large effect on most mass and energy transport properties.

Future prospects
In order to expand the existing industrial operational experience on large particle coal
gasification in fixed beds and its link to the laboratory scale experiments some future research
options are proposed to bring operationally predictive knowledge to the current understanding
of this multi-phase reactive process. The influence of solid particulate flow on the pressure
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drop in industrial scale operations is not fully understood, it is highly variable, coal particle
dependant and it has hindered modelling efforts. Future studies should focus on the
mechanism of macroscopic fixed bed structural development and specifically how the
agglomeration and bed collapse will influence flow properties. The particle shape and size
transformation should be incorporated in the understanding of solids flow in industrial scale
gasifiers. Relating the large body of knowledge on spherical particle packing to irregular shape
coal particle packing characteristics could aid in this development. Modelling studies could
use the residual bed profile data to aid in the validation of these models specifically in the
ability to predict accurate temperature profiles in gasifiers. The gas compositional profile along
the bed length is important for kinetic modelling validation and was studied, in the past, by the
incretion of a probe into the reactor contents, disturbing the structure. The gradual transition
between reaction zones and overlap should rather be studied in a transient operation by
allowing complete conversion of the bed contents, this could lead to accurate zone transition
information indicated by a change in exit gas composition. Large particle swelling behaviour
could result in gasifier instabilities and was recently shown to be ill defined based on
experimental data conducted on powdered coal. Optimal blending strategies of different coal
sources, to minimise the swelling and caking effects, should be conducted in fixed bed
reactors on laboratory scale where particle size influences could be controlled. The effects of
particle size width specifically narrow versus wide, and its effects on gasifier stability should
be tested under steam gasification conditions. A multi particle unit cell model should be
proposed and evaluated based on the reactivity data and structural development presented
here.

Page | 67

